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Introduction

Abstract

The context and the outline of this thesis are mdesd in this Chapter. Also a number of
frequently applied technical terms and definitians explained.



Chapter 1

1. Context

A chemical reactor is a vessel designed for cagryiat a reaction. Reactors are frequently
called 'the heart of a chemical plant’ but when ganmg the chemical plant to a human

body more differences than similarities are foumdthe human body the heart is, although

ingeniously engineered, nothing more than a fluidnp. Among the organs the liver has

probably the highest resemblance with industrisdcters: waste processing, catalyst

production, sugar processing and the conversiamohonia to urea. Just as a human body
contains a variety of specialized cells also chamieactors occur in various shapes and
sizes.

The classification of reactors is often based enghases present and the operating mode of
the reactor (Levenspiel, 1972; Trambouze et aB819Single phase reactors operate with a
gas or liquid. With multiple phases a variety ofmtmnations is encountered: gas-liquid,
liquid-liquid, gas-solid, gas-liquid-solid, liquiglelid and even reactors comprising 4 phases
(gas-liquid-liquid-solid) have been studied (Rodeak, 2001). The operation mode of a
reactor is batch or continuous, mixed forms alscuocThe naming of a type of reactor is
also determined by other factors such as for exameplergy input (stirred tank reactor,
bubble column), flow patterns (fluidised bed, fixbdd) and construction details (tubular
reactor).

Within the chemical processes operated by DSM taghstliquid reaction systems occur
frequently. Among the large scale applications e toxidation of cyclohexane to
cyclohexanone as one of the two routes for the $tesp in the production @fcaprolactam
(van de Moesdijk, 1979). In the production of cym®anone air is contacted with liquid
cyclohexane at elevated temperature and pressusenifar type of process applied within
DSM is the oxidation of toluene for the productiof benzoic acid. This reaction is
catalysed by a homogeneous metal salt (Keadind, 965). Another large scale process
involving a gas-liquid reactor is the productionuséa from ammonia and carbon dioxide.
The development of the reactor is an interestirgmgle of incremental optimisation (see
urea documentation at http://www.stamicarbon.cooteas date 25 August 2005). In the
alternative process for the production of capralactieveloped by DSM and DuPont two of
the four main reaction steps comprise gas-liquatt@s: step 1 is a carbonylation reaction
(Drent et al., 2003) and step 2 is a hydroformglatreaction (Gelling et al., 2000). Both
type of reactions are catalysed by homogeneoud oetdyst.
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The reactors in the former processes are cleasiplei as gas-liquid operations, but gas-
liquid reactions also occur other types of equipimére absorption and reaction of nitrous
gases in water in the production of nitric acid &mel scrubbing of components from various
gas effluents (nitrous and sulphuric oxides, bravand hydrogen cyanide). When the study
of gas-liquid phenomena is not restricted to puggg-liquid, the number of reactions is
even greater. The number of processes operate®Bt ibvolving gas, liquid and a third
phase is even larger than the pure gas-liquid peese Among these processes are the
synthesis of hydroxyl amine from nitric acid (asart of the manufacturing of caprolactam),
the hydrogenation of succinonitrile to diaminobwaend various hydrogenations in fine
chemicals or food production. The reaction engimgeron fermenters is generally
considered a specialist topic; the metabolism efrtiicro-organisms is often so complex that
‘ordinary’ chemical kinetics is not adequate.

In view of the large number of reactors involvingsgs and liquids operated within DSM,
the need for expertise in this area of chemicattrea engineering is evident. This expertise
is among others concerned with the design and agation of chemical reactors. Through
clever design and maximum optimisation the prdfithe plant is increased, as well as the
safety of the reactor including operation and finghe environmental impact of the
production is reduced. In the design and optimesad large number of physical, chemical
and technological aspects is involved. Knowledgeth#fse aspects has to be gathered
through theory and experiments. Only in specialesakrge scale experiments can be
performed directly in the plant. Most often plarperiments are not feasible (operational,
economic, technical or safety) and experiments orueh smaller scale are the only option.
As an indication: a typical plant scale for a bulkemical process is 200 kt/yr, that is
25000 kg/hr. Experiments at smaller scales incladgilot plant (10 kg/hr), lab scale
(100 g/hr) or micro scale (1 g/hr). The translatdrthe results obtained with experiments to
the situation in the plant is the art of scaling-djne basic assumption of any scale-up
procedure is by knowing the essential steps ofctiimical process the behaviour on a
different scale can be predicted by taking into cact the (different) scale-rules
accompanying the essential steps. Scale rules eajuite simple (the intrinsic kinetics of
the reaction rates do not change with the sizé@fréactor) or subject of expert fields (for
example the hydrodynamics of fluidised bed reagtorbe knowledge of all the relevant
steps involved in the processes occurring in a atemeactor is not evident in all situations.
In that case an extended program of various expeersns required to unravel and quantify
the essential steps. The collection of ideas onseheoelevant steps including the
quantifications is called a model. The term mod®sinot necessarily refers to a computer
model, although most often computer support isrdsgde

4



Chapter 1

In a gas-liquid reactor, components are transfebettveen the gas and liquid phase. This
transport of molecules between different phasesaied mass transfer. There are several
mechanisms by which mass transport between phasassp but the most commonly
encountered driving force is molecular diffusion.datailed treatise of the theory on gas-
liquid mass transfer with reaction can be foundNiesterterp et al. (1984), here only the
basic concepts are discussed.

The most simple gas-liquid mass transfer with fieacsystem consists of a gaseous
component that is transferred to the liquid phaseia the liquid is converted to a product
component:

Alg) —  A() (1)
Al) —  P(l) (2)

The driving force for the transfer of A from gaslituid is the concentration gradient that is
maintained by the disappearance of A in the liquid. non-reactive systems, the
concentration gradient is reduced as time progsesea situation where thermodynamic
equilibrium is reached. In the film theory it issasned that the interface between gas and
liquid can be represented by two stagnant filmsretibe transport of components occurs
through diffusion: a layer in the gas side andyaidan the liquid. Between the liquid and the
gas phase equilibrium exists. In combination wilie treaction of A in the liquid a
concentration profile is established as shown gufé 1.

—

concentration
—
concentration

Cag Cag

liquid phase —
liquid phase

gas phase gas phase

liquid film

gas film

Cap Cas

i |
distance interface distance
—_—

interface
a) b)

Figurel. a) Physical representation of absorption and reaction, b) schematic representation of
the two-film model.
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For only a minor number of absorption-reaction eys the gas and liquid film are equally
important. With high liquid solubility's or very st gas phase diffusivity the gas phase
resistance is significant. In most practical catesgas phase resistance can be ignored.

The two-film model is widely applied in chemicalgéneering as well as related scientific
disciplines as a result of its simplicity and theewufriendliness of the mathematical
equations. For more accurate physical descriptttesnative theories have been developed
that provide better predictions over a wide ranfe@pmplications. The penetration model
proposed by Higbie (1935) is derived from the itlest the gas-liquid interface is not a static
surface but a dynamic area where fluid elemental{spackages) are exchanged with the
bulk of the liquid. During the period that a fluedement is located on the surface gaseous
component A is absorbed from the gas phase andsaftee contact time the element returns
to the bulk of the liquid where it is mixed withettrest. The other well-known theory
proposed by Danckwerts (1968) is a modificatiorHadbie's theory. Instead of a contact
time it is assumed that each liquid element at sheface has a similar chance of
disappearing in the liquid bulk. Although the thiesrby Higbie and Danckwerts provide a
better physical representation and often a moreaurate description of experimental
observations, the equations are more complicatedcay for the very simple systems
analytical solutions are available. In other cas@®erical techniques have to be applied to
solve the equations.

Reaction and diffusion are coupled processes. & ahsence of a chemical reaction
differences in concentrations are settled as tinogresses unless some other factor than
reaction is involved (like for example mass transtea solid or secondary liquid). In a gas-
liquid reaction system, the reaction increasesrthss transfer rate in comparison to the pure
physical absorption, the extend depends on thdivelaate of the reaction. For slow
reactions the major part of the components is caesien the bulk of the liquid. A lot of
chemical engineers and chemists call this the kirreggime. In this regime the kinetics of
the reactions are the limiting factor but this daes exclude the occurrence of gradients in
the liquid and/or gas film.

For fast reactions, the concentration of absorbfemntear the interface is significantly
decreased in comparison to pure physical absorpliba concentration gradient increases
the diffusion rate and mass transfer is enhanchd. ratio between mass transfer rate and
kinetics is expressed through the Hatta number.
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For simple reactions, the Hatta number is wellrdsdiand can be calculated from a limited
number of process parameters. The Hatta number ficst order irreversible reaction rate is
defined by:

p=VPa ©)

K,

In most expressions the enhancement of mass traissfiecorporated by means of an
enhancement factor E. The rate of physical absorpsi calculated with:

J=k, [(CA,i _CA,b) (4)
The absorption rate of absorption with reaction lsaexpressed as:
J=k [Ellc,, =Ch,) (5)

For the single first order reaction all models jxeth case of slow reactions E = 1 whereas
for fast reactions A, is zero and E =. In other situations, the various theories have
different results for enhancement factors. In addjtthe evaluation of enhancement factors
is dependent upon the type of reaction(s) whereathgorbing component is involved.
Overviews can be found in for example van Swaaij ®ersteeg (1992) and Doraiswamy
and Sharma (1994).

A very large amount of literature regarding expenal procedures for gas-liquid reactions
is available. Experiments can be designed to datermvhether a reaction is slow, fast or
instantaneous. Once this classification has beafersaitable kinetic rate expressions can be
determined from dedicated experiments. In practibe, experimental recipes are not so
simple as the text books claim. For example maagtrens proceed by means of a catalyst
where the condition of the catalyst is influencedalarge number of process variables
(concentrations, temperature, pressure, contansnattt.). Often it is not possible to control
the condition of the catalyst in lab equipmenthe same way as in the plant. For reaction
systems where catalyst deactivation occurs speedhkquipment and experiments are often
required to determine reaction rates and otheresgalparameters. In systems where the
absorption of a component occurs in a strong eipgy liquid the description of diffusion
by Fick's law and the derived mass transfer theoaee no longer valid. In that case,
application of the Stefan-Maxwell equations with ltineomponent mass transfer is the
recipe for better descriptions as has been showrafaumber of separation processes
(Taylor and Krishna, 1993). Finally, in systems hwihigh reaction rates and strong
exothermic heats of reaction temperature gradiargslikely to occur in the liquid film,
affecting physical properties, reaction rates dtetiag transport rates.
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2. Outline of this thesis

Despite of the difficulties and pitfalls in expeemtation and interpretation, once a model is
completed and verified to agree with all experimaénbservations it can be used for a range
of purposes:

» scale-up and design,

e optimisation,

e process control,

» flow sheet improvement,

« study of stability and dynamic behaviour.

The study of the stability and dynamic behaviouswgee initial objective at the start of the
PhD project resulting in this thesis. For the ggaitl reactors in operation at DSM this type
of study had not been performed earlier and it skasvn by Van Elk (2001) that this field
of expertise promised opportunities for furthereaash. The study of dynamic behaviour
and the development of stability criteria is veryain dependent on the availability of well
defined and verified models for the specific reesténstead of suitable models the internal
reports and data on gas-liquid reactors at DSM wargh reflected the open literature: a vast
amount of data and reports but with different rissuidxperiments, conditions and opposing
hypotheses. Therefore setting-up a model suffiyiesitnple and well validated became the
initial task. Toluene oxidation was chosen as tleel@h process for a number of practical
reasons.

Construction of a model and the identification bt tratio between mass transfer and
reaction under conditions closely resembling trenpteactor situation was the objective of
the initial task. The results of this study areleeted inChapter 2 The conclusion with
respect to the enhancement of mass transfer wa$othanost conditions the system is in a
kinetically controlled regime.

Once it was clear that enhancement of mass tradsfes not occur to a significant extend,
the optimisation of the descriptions of the reattiates had to be performed through
alterations in the kinetic equations.@mapter 3the improvement of the kinetic expressions
to increase the model predictions is described. ddtailed reaction network of the toluene
oxidation comprising both radical and non-radicahations and intermediates is well
established from literature. Including all thesaateons in a model is not feasible since for a
large part the reaction rates are unknown.
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By modifying the basic rate equations, it was passio increase the description of the
formation and reaction of benzyl alcohol. The ratguations were derived from an
assumption of a new path in the reaction network.

From the work leading to the results described afiers 2 and 3, the interesting question
emerged how reactive intermediates behave in ttiaityi of the gas-liquid interface. The
efforts to address this topic in a more theoretihework is described i@hapter 4 The
specific aspects from the toluene oxidation weaegformed to a general form of a gaseous
absorbent that reacts with a liquid component Boton product P by means of elementary
radical reactions. The tools for numerically soyvithe diffusion-reaction equations was
already well established by Cornelisse et al. (138 lately applied by van Elk (1999).
The study of the diffusion and mass transfer aditeds was concluded with a paragraph on
design aspects and for that purpose it was reqtivadthe results of models with different
numbers of parameters could be compared. For thege systems applied a methodology
is presented that is easy to use while the potesitimning models to desired accuracy and
degree of simplicity is high.

Finally, in Chapter 5the analysis for the radical reactions is exteniednother class of
reactions where complex reaction networks freqyenaticur: homogeneous catalysis. The
principle question again was what is the behaviolucatalytic complexes that exist as
intermediates near the gas-liquid interface. Wiad lof effect do those catalytic complexes
have on the enhancement of mass transfer?
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Nomenclature

Notation

Ca.i concentration of A at the gas-liquid interface ki

Cab concentration of A in the bulk of the liquid kmoff

Da diffusion coefficient of A M's
enhancement factor -

J flow across gas-liquid interface kmoffs

Ky reaction rate constant (first order) 1s

ke liquid side mass transfer coefficient m/s

Greek

¢ Hatta number -
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Modelling toluene oxidation, incorporation of massnsfer phenomena

Abstract

The kinetics of the oxidation of toluene have bstrdied in close interaction with the gas-
liquid mass transfer occurring in the reactor. Kimgparameters for a simple model have
been estimated on basis of experimental obsensperformed under industrial conditions.
The conclusions for the mass transfer and reactegime on basis of experimental
observations and model calculations are in goodceagent: toluene oxidation under
industrial conditions can be characterized asa séaction with respect to mass transfer.

14



Chapter 2

1. Introduction

The site of DSM Special Products Rotterdam haddtgest toluene oxidation plant in the
world, producing benzoic acid that for the majortpa converted to phenol. In addition,
benzoic acid and its derivative sodium benzoate fsl their applications in the food and
fine chemicals industry. The DSM site at Rotterdalso has the largest production unit for
benzaldehyde, a specialty chemical. Since the dpusnt of the process (Keading et al.,
1965) a large number of studies on the chemistrytobdiene oxidation and related
hydrocarbons have been published. Most of theezgrliblications have in common that the
main focus is on the kinetics and that other predesns are not considered (Borgaonkar et
al., 1984; Lozar et al., 2001; Mulkay and Rouch&l@57; Quiroga et al., 1980; Scott and
Chester, 1972). This approach is not sufficientwbensidering scale-up and modelling of
the plant reactors. For safety reasons, oxygeridauethe reactor offgas have to be kept
below the explosion limits. This means that attiéagpart of the reactor the oxygen partial
pressure is so low that the liquid concentratiosigsificantly decreased. In the range of low
oxygen concentrations, the radical chain mechanmwoduces different by-products
(Bateman, 1951). In addition, it is expected tih&t mass transfer of oxygen influences the
productivity of the reactor. It is essential to gty kinetics in close interaction with the
mass transfer phenomena occurring in the reactarder to increase the control of the
productivity and selectivity.

2. Kinetics and mass transfer

The oxidation of toluene with air at elevated terapgres and pressures proceeds via a
mechanism consisting of a chain of radical reasti&md is initialised by cobalt ions. The use
of elementary reactions in this radical mechansmtithis moment too complicated (lack of
basic data and the need for extensive numericaingptechniques) to be of much practical
use in the analyses on mass transfer and readiistead a more simplified kinetic
description is applied in the present study. Tme#c scheme in Figure 1 is directly derived
from the stoichiometric equations (assuming eleamgnteactions) and has been proposed
earlier for toluene oxidation (Quiroga et al., 1988 well as xylene oxidation (Cao et al.,
1994). For oxidation reactions proceeding throughigal intermediates, a zero-order
reaction rate is commonly encountered (Helfferd01).

15
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Morimoto and Ogata (1967) concluded from their baggperiments that for oxygen levels
below 42 vol% (the oxygen concentration in the t@awas kept constant by maintaining a
constant pressure through suppletion of pure oxygenhe oxygen/nitrogen mixture).
Bhattacharya et al. (1973) give a reaction orderdwygen of %2, but the experimental
conditions are not fully given.

H COOH

@°
: : / benzaldehyde benzoic acid

&

OH
Ph-CH,

+

0, — Ph-CHO + H,0
Ph-CH, + %0, —2 , Ph-CH,0H

Ph-CHO + %0, —> Ph-COCH
benzyl alcohol

®© OO

Ph-CHOH + %0, —— PhCHO + H,0

Figurel. Basic schemefor thekinetics.

The rates for the reactions in Figure 1 are assumée first-order in the reactants, also for
oxygen. As it mathematically can be shown, it ispmssible to determine the individual rate
constants for reactions 1, 2 and 4 independentthout experiments comprising benzyl
alcohol added to the feed. These experiments hatveaen performed while the availability
of the experimental set-up for kinetic experimews very limited. In addition, benzyl
alcohol is known to inhibit the oxidation (Morimoémd Ogata, 1967) making the operation
of a continuous tank reactor more difficult thansitalready. A correlation between Bnd

R, was made on basis of the observation that in thdatbon mechanism the primary
termination reaction takes place between two alk@dicals (Russell, 1957; Kondratiev,
1969) whereby alcohol and aldehyde are formed it:la ratio. For this reason, the
parameters k and k were replaced by a single parametgs giving the following
expressions for the reaction rates:

R, =k, [Cro [Co, 1)
R, =k, [Cio [Cos (2)
R; =K;[Ceap [Cop (3)
=K, [Canc [Coy (4)

16
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The influence of the catalyst was not includedhia tate equations because all experimental
data have been performed at a constant cobalt satien. The expression for the Hatta
number ¢) depends on the reaction rate equation. For adider irreversible reaction with
respect to the absorbing componéns defined by:

¢ = (5)

For systems consisting of multiple reactions inuajvthe gaseous component the most
commonly applied simplification is to evaluate tHatta number on the assumption that an
overall pseudo zero-order or first-order rate eiguas applicable. The model of the xylene
oxidation by Cao et al. (1994) comprises a zereordaction for oxygen where Hatta is

calculated according to the correlation of HikitadaAsai (1964). This approach is also
applied by Suresh et al. (1988) in the modellinghef cyclohexane oxidation. Pohorecki et
al. (2001) apply a first order dependence for oxygethe cyclohexane oxidation with a

kinetic scheme that has a close resemblance taolbene oxidation scheme given in

Figure 1. The mass transfer flux for a first-ordeeversible reaction according to the

Danckwerts modification of the penetration theayefined by (Westerterp et al., 1984):

Carp g/ 2
J=k, [ECAJ _W} 1+¢ (6)

The extremes for small and large Hatta numberscaneenient for simple evaluations on
basis of analytical solutions.

o> 2 J=k, [c,; [ (7)
$<03 J=k, [(CA,i _CA,b) (8)

The enhancement factor is the ratio of the flupiasence of reaction (Eqg. (6)) and pure
physical mass transfer under identical conditi@xg(ession is equivalent to Eq. (8)).

Cap J
Cai =7 .2
E=1+¢> 1+ 9)

CA,i _CA,b
The extremes for small and large Hatta numbers are:
b>2 E=¢ (20)
¢ <0.3 E=1 (11)

The Hatta number and the enhancement factor areulatdd from experimental
observations, respectively included in the modgllin

17
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3.  Experiments and observations

The reactor and auxiliary equipment for the toluerelation experiments are operated in a
continuous mode, a schematic drawing of the sasgven in Figure 2. All equipment is
accommodated in an explosion proof facility.

—p
off-gas
vapor flow
> A
cooling
liquid feed e~ condensate flow
ol <:|
heating
air supply I—
liquid flow

Figure2. Experimental set-up.

From the continuous monitoring of the reactor terapge and the oxygen concentration in
the off-gas during experiments it appeared thatldifoatuations are present in the reaction
set-up. The standard deviations of the resultsvefeference experiments having identical
process conditions are shown in Table 1 as an atidic of the extend of experimental
inaccuracy's. The range of process variables aéxaleriments is included for comparison.
A number of experiments have been performed wshfficient tracing in part of the piping
from the reactor vessel to the condenser causipgrigal condensation of the vapour and
subsequent reflux of components to the reactor.rateeof oxygen transferred to the liquid
phase (L) was calculated from the difference between trefgad and off-gas flow.

18
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Tablel. Datafrom aseriesof standard experiments.

Range of operation

Standard deviation in
reference experiments

Reactor temperature °C 140-160 0.8%
Reactor pressure bar 4-7 0.2%
Off-gas inert flow NI/hr 100-300 1.1%
Feed flow toluene kg/hr 1-2 1.0%
Feed flow air NI/hr 100-300 0.3%
Flow liquid discharge kag/hr 0.5-1.5 2.1%
Flow condensate kag/hr 0.5-1.5 2.3%
Off-gas oxygen level vol% 0-6 32.5%
condensate Balc  mol/hr 0.0003-0.005 12.5%
Bald mol/hr 0.003-0.02 7.3%
BzA mol/hr 0-0.02 20.8%
H.O mol/hr 0.6-1.6 11.0%
Tol mol/hr 2.1-5.6 4.8%
liquid discharge Balc mol/hr 0.003-0.05 3.9%
Bald  mol/hr 0.03-0.2 1.8%
BzA mol/hr 0.4-11 3.3%
Tol mol/hr 1.5-10.9 1.5%

Both the liquid and the gas phase were assumed tdelally mixed; the residence times for
the liquid were in the order of 1 hr. To address glas phase mixing qualitatively a visual
check was performed in an glass vessel comprisiagtical baffle and stirrer configuration.
With cyclohexane as liquid at room temperature amehgen as gas feed, it was observed
that at 1600 rpm stirrer speed a significant amaodigias backmixing occured into the liquid
by means of vortex formation around the stirrer amdbulences behind the baffles. In
addition, it was assumed that no oxygen is preetite liquid feed and the system operates
at steady state. The oxygen concentration in thediat saturation was calculated according
to Henry’s law. The Henry coefficients were calteth from gas-liquid equilibirum data
retrieved from the Dortmund Data Bank (program wgrs DDBSP 2003;
http://www.ddbst.com, president and CEO of DDBSPisf. Dr. J. Gmehling, access date
26 November 2004). Typical values are in the ranfge500-2000 bar. The partial pressure
of oxygen was determined from the off-gas and cosd® composition. In Figure 3 the
conversion rates for oxygen are shown as functidheooxygen concentration in the liquid.
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Figure3. Observed conversion ratesfor oxygen asfunction of the oxygen
concentration in the liquid at saturation.

The conversion rate for oxygen is defined as thesfier rate of oxygen divided by the liquid
volume; in this way the outflow of dissolved oxygen neglected. The experimentally
observed oxygen transfer ratg ks related with the flux through the interfaciata:

FsL =JVi la (12)

In cased > 2 substitution of the expression for the obsérransfer rate gives (taking into
account the definition for the Hatta number):

2
k=tmFe (13)
D | Vg @[,
For ¢ < 0.3 the bulk concentration can be calculatethfeobalance for oxygen in the liquid
phase:
0=-q, [c,, —(1-€)IVy kIc, , +JIV, [a (14)

The outflow of dissolved oxygen is considered tarheh smaller than the reaction term and
the transfer rate through the gas-liquid interfaberefore Eq. (14) can be simplified to:

0=—(1-€)IV, [kic, , +JV, [a (15)
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With the substitution for J (Eq. (8)):

c
poo 1 . (16)
Chi 1+AlG
Where Al is the Hinterland ratio:
Al :% (17)
alD

Combining the expression for the bulk concentratwoith the flux and the observed
conversion rate gives an equation that can be dalth respect to the kinetic rate constant:

FoL = Vg ALK, [ECAJ _ﬁJ (18)

Solving for k gives:

LS Fol
AID V, &, @, ~Fy

(19)

Values for specific surface areas were estimatel thie correlation of Shridhar and Potter
(1980), diffusion coefficients were estimated withe correlation of Wilke and Chang
(1955). Mass transfer coefficients were estimatedifater with the equation of van ‘t Riet
(1979). To translate the mass transfer coefficieintgn water to toluene at reactor
conditions, a result from Higbie’s penetration ttyewas applied:

K, (toluene150°C) _ \/D(toluenelSO"C) (20)

k,(water,25°C) D(water,25°C)

The experimental conditions in the experiments veeieh that the volumetric mass transfer
coefficient could be taken as constant at a vafule#s $'. The interfacial area was taken as
a constant at 300 #m°. Under the hypothesis that the reaction is fast,¢i > 2, the
calculated rate constant (Eq. (13)) is 100 s 56 s', standard deviation for the
experimental observations). The corresponding Haitaber on basis of this rate constant
can then be estimated to be 06@®.16. This is not in line with the assumption ofaat
reaction with¢ > 2. For the hypothesis of a slow reaction, ¢.es 0.3, the calculated rate
constant is 2.2 3.2 §' giving a Hatta number of 0.0790.048 which is in line with the
assumption made for the Hatta number. Therefors itoncluded that on basis of the
experimental observations the reaction rate is ghogomparison to the mass transfer rate of
oxygen.
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4.  Modelling of the experimental reactor

A model was constructed to determine the kineticapeters under conditions of mass

transfer limitations while taking into account palrtcondensation of the vapour phase. To

include a description of the partial condensatietwieen the reactor and the condenser the
model comprised two flash calculations for the teapart of the set-up. A scheme of the

model is given in Figure 4.

——>
off-gas
vapor flow
Flash 3
_____________________________________________________ Tcondens
vapor flow Flash 2
Trefiux P condenser !
—
: condensate flow
5 Flash 1 liquid recycle 5
feed flow :
4:’ 47
H Treactor
___________________________________________ reactor |
L—
liquid discharge flow

Figure4. Schematic drawing of model. The symbolsin this scheme are utilized in
the overview of model equations.

For an overview on the model equations see Appentite model calculations were

performed in Aspen Custom Modeler. Thermodynamaperties for the liquid phase were
calculated with Aspen Plus Properties. The purepmmant properties were taken from the
DIPPR Handbook (http://dippr.byu.edu, American ilng¢ of Chemical Engineers, access
date 25 May 2004) or DDBST (http://www.ddbst.cofff)e interaction between components
was described by the NRTL-model. The thermodyngmaperty files generated in Aspen

Plus were included in the ACM file.

The liquid from the second flash is totally refldx the first flash (“liquid recycle”). The

temperature of the second flash was varied for eagieriment in such a way that the
differences between experimental and model valoethe gas and liquid mole flows of all
components were minimized.
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The calculations to determine the temperaturedhi®fsecond flash were performed with a
simulated combined feed of the liquid discharge amagour flows. For experiments
performed with the correct tracing, the temperatiréhe second flash was fixed at the
temperature of the first flash. The temperaturethefsecond flash were 5 to 16 lower
than the reactor temperature depending on the csithpo of the condensate flow. The
liquid recycle amounts to 10 to 20% (mole flow sqsiompared to the vapour flow feeding
the second flash. The statistical results of theutations are given in Table 2.

Table2. Statisticsfor vapour-liquid calculations.

SSO SSR Standard SSR without Standard
(mofP/hr)  (mof/hr®)  deviation  reflux deviation
(moF/hr?) without reflux
condensate Balc 3.2410° 5.6110° 35.5% 8.7410° 127.5%

Bald 9.2910% 1.6910* 21.7% 1.3810° 61.3%
BzA  4.4510* 1.8710° 34.2% 1.3410* 37.3%

H,O 1.210" 2.2310" 11.0% 2.5710* 12.6%
Tol 1.6110° 2.7710° 11.0% 3.3410 36.1%
liquid discharge Balc 6.9210° 5.6110° 2.4% 8.7410° 9.4%
Bald 15310 1.6910* 3.0% 1.3810° 8.7%
BzA 5.0910° 1.87T0* 0.5% 1.3410* 0.4%
Tol 484100 2.7710° 11.0% 3.3410 38.5%

The kinetic parameters in Figure 1 were estimatgdableast squares minimization
procedure. In the estimation procedure (and in ghbsequent model calculations) the
temperatures in the second flash were fixed atvddees calculated earlier. The most
suitable variables as experimental data pointstlaaadptimal weighting were identified after
some trial and error. Best results were obtaindt thie toluene conversion, selectivity's for
benzyl alcohol, benzaldehyde and benzoic acid badokygen off-gas concentration. The
weights of the experimental values for a particMariable were set as reciprocals of the
average values, except for oxygen which was givéower value (10% of the reciprocal
average). The results are given in Table 3. In @dbthe sums of the squared residuals of
model prediction and experimental values (SSRxhosvn.
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Table3. Estimated parameter valuesand correlation matrix.

Parameter values Reactions Correlation matrix

ki, 0.015+ 0.004 m¥mol/s Tol ___, Balc Ko ks Kq
Tol ——_, Bald ko 1

ks 1.35+0.36 mmolls Bald — , BzA k3 0.98 1

ke 3.9+1.0 m*/mol/s Balc ____, Bald kk 099 098 1

Tabled. Sum of Squaresfor experimentsand model.

Experiment SSO Model SSR

O, off-gas 7.210" 4.310"
Tol conversion 7.210? 1.810°
Balc selectivity ~ 9.610° 1.410*
Bald selectivity —~ 2.400" 1.7110°
BzA selectivity 7.510° 1.610°

The model results for the data applied in the egtion procedure are shown in the parity
plots in Figures 5 to 8. Comparison between expamtal values and model calculations for

the oxygen concentration in the off-gas are shawrigure 9.

0.15

Toluene conversion model

0

0.1

0.05 4

0 0.05 0.1 0.15

Toluene conversion experimental

Figureb5.
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Comparison between experimental
values and model calculationsfor the

conversion of toluene.
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Figure6. Comparison between experimental
values and model calculationsfor the
selectivity of benzyl alcohal.
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Figure7. Comparison between experimental Figure8. Comparison between experimental
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selectivity of benzaldehyde. selectivity of benzoic acid.
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Figure9. Comparison between experimental
values and model calculationsfor the
oxygen concentration in the off-gas.

The residuals for benzyl alcohol, benzaldehyde laezoic acid selectivity are shown in
Figures 10 and 11. Residual values are given asdiffierence in selectivity between
experiment and model relative to the observed exgmertal value. The calculated pseudo
first-order rate constant isok= 295+ 14 s', the Hatta number i¢ = 0.92+ 0.05 and the
enhancement factor is#£1.36+ 0.03.
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model values as function of the
residence time based on theliquid
feed flow rate; (O) = benzyl alcohal;
(O) =benzaldehyde; (+) = benzoic
acid.
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5. Discussion

From Table 1 it appears that the input processnpaters are controlled with acceptable
accuracy of approximately 1%. The response vamadl#er in accuracy in the range of
1.5% for toluene in the liquid discharge flow td@2@or benzoic acid in the condensate flow.
Benzoic acid concentrations in the condensate 8ovdifficult to analyse because at room
temperature the condensate separates into a watesiraorganic phase. The low accuracy
for the oxygen measurement is a combination ofatiytical measurement and the length
of the sample pipe from the off-gas vessel to titrument. The simulation of the partial
condensation in the piping to the condenser vassalccessfully performed by modelling
the reactor part with an additional flash calcaat{Figure 4) and this is illustrated when the
results in Table 2 are compared. The differencetvden model predictions and
experimental observations are clearly reduced w$ipect to the situation where there is no
liquid recycle. When compared to the indicatioregperimental errors in Table 1, the model
describing the partial condensation has a scattére model predictions that is much closer
to the experimental error than the model versiothout the reflux mechanism. Tables 3
and 4 summarize results of the estimated kinetrarpaters. The values of the standard
deviations as well as the correlation parametersraacceptable limits for further scale-up
purposes, but improvement is still desired. Thédted sums are acceptable in comparison
to the experimental values. This picture is confidhby the graphs of the residual plots of
the toluene conversion and the selectivity’s of 2y¢ralcohol, benzaldehyde and benzoic
acid (Figures 5 to 8). The parity plot for oxygexhibits a fair off-set (Figure 9). This is
caused by the low weighting value for oxygen whiedis based on the inaccuracy of the
experimental value.

The residuals are larger when the liquid residetnce increases or when the oxygen
concentration is higher. (There is no direct relatbetween liquid residence time and
oxygen concentration because the gas flow ratetisndependent of the liquid feed flow
rate). For the determination of the reaction ratkepin oxygen the results in Figure 3 do not
exclude other than simple first order kinetics. Ttleoice for a first-order oxygen
dependence is quite arbitrary and has been dorgrdctical reasons, a zero-order model is
more difficult to handle because of the discontyigiwith the reaction rates. When some
reaction rate equation other than a power law gaiired to improve the model accuracy,
mass transfer rates have to be solved by numeasiogledures. The combination of these
numerical solutions with parameter estimation pdoces has not been performed so far.
The value of the Hatta number that was directlyvaer from the experimental observations
indicates that the oxidation of toluene can be ictamed to be slow.
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The Hatta number of 0.09 derived from the expertalepbservations is in good agreement
with the value calculated with the model. The ermeament factor calculated by the model is
also close to unity. The results obtained withriredel show a more narrow distribution of
errors. The standard deviations in the averageaHattmber is smaller (5% relative) than
with the experimentally determined Hatta numberdgp0The low values of Hatta and the
enhancement factor imply the presence of an oxygmrcentration in the liquid bulk,
suggesting that reaction of oxygen with some kihdaglical intermediate can not be the
rate-determining step in the overall mechanismsThin general agreement with the picture
for autoxidation reactions (Helfferich, 2001).

0. Conclusions

Experiments performed in a reactor that was opénateler industrial conditions have been
successfully applied in the estimation of kinetezgmeters in a model with inclusion of the
description of mass transfer phenomena. Analysdiseofnass transfer characteristics reveal
that toluene oxidation under industrial conditiagasa slow reaction with respect to mass
transfer.

Nomenclature

Notation

a interfacial area per unit volume of dispersion Z/nm

Al Hinterland ratio -

c concentration kmol/m®
Cab concentration of A in the liquid bulk kmolfmn
Caii concentration of A at the gas-liquid interface Ikimmd
Co2.sat saturation concentration of oxygen kmol/m
Co2,0ut oxygen concentration in the gas outflow kmdl/m
D diffusion coefficient s

E enhancement factor -

F flow kmol/s

FeL flow across gas-liquid interface kmol/s
J flow across gas-liquid interface kmoffs
Kk reaction rate constant (second order) 3/kmol/s
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k|_a

Greek

-eg-exm

pmoI,L

reaction rate constant (first order)
reaction rate constant (pseudo first order)
liquid side mass transfer coefficient

volumetric liquid side mass transfer coefficient

reaction order

partial pressure

total pressure (absolute)

reaction rate

dispersion volume (liquid + gas)

mole fraction in liquid

mole fraction in liquid

oxygen mole fraction in liquid at saturation
mole fraction in vapour

mole fraction in vapour

gas volume per unit volume dispersion
conversion

fugacity coefficient

volumetric flow

Hatta number

liquid molar density

selectivity

residence time

Sub- and superscripts

[
BALC
BALD
BzA
F

G
H20

any component
benzyl alcohol
benzaldehyde
benzoic acid
feed flow
vapour flow
water

liquid flow

bar
kmol/m®/s
*m
mol/mol
mol/mol
madim
mol/mol

mol/mol

3
mol/mol

m°/s

kmol/fh
mol/mol
S
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N2 nitrogen

R liquid flow
02 oxygen
TOL toluene

Vv vapour flow
Abbreviations

ACM Aspen Custom Modeler

SSO Sum of Squared Observations
SSR Sum of Squared Residuals
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Appendix
Overall pseudo first-order rate constant for oxygen
3 1
Ko :El:klz [Gro +§[Gk3 [Benp K, EtBALC)

Definition of Hatta number and mass transfer equati

¢_,/kfo D
kL
F, =JV.la

E[Coz - to2 j
,sat + 2
E=1+¢° 1+

Cozsat ~Co2

J=k, [(coz’sat—coz)[E
Reaction rate expressions (according to Figure 1)
R, =K, [Cq. [Co,
R, =K,[Co. [Co,
R;=K;[Cnp [Co,
R, =k, [Caac [Co
Raac =R, R,

RBALD :Rl_R3+R4

Py

BzA :RS
RHZO =R1+R4
_ 1
R02 __Rl_EEGR2+R3+R4)
RTOL :_R1_R2

Definition for toluene conversion

FF,TOL - (FL,TOL + FG,TOL )

I:F,TOL
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Definition for benzoic acid, benzaldehyde and béakyohol selectivity
I:L i + I:G i

Z +ZFGJ

Definition for off-gas oxygen concentration

FG ,02

C = "
O2,0ut
I:G,N2 + FG 02

Mole fractions and concentrations for all composent

CI :pmoI,L [X
F
Xi — L,i
>F,
I:G,i

F

__REGi

Z FRECI

Mass balances for all components except oxygerlémh 1 and Flash 2 (see Figure 4)

¢ X =¢,lz

Cei LY =Cg; (W
R +tRi *VIR, =R, +F;

Fi=Fsi tFg,
Mass balances for oxygen
€L 02 X250 =Py 02 [Z0,

Cc02 Y02 =Cro2 Wo,

FF,OZ = I:GL,OZ + I:V,OZ

FoLo2 tFro2 t VR [Ro, =F o,

I:V,OZ = I:G,OZ + I:R,OZ
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3

A kinetic model for toluene oxidation comprising
benzylperoxy benzoate ester

as reactive intermediate

in the formation of benzaldehyde
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Abstract

During the oxidation of toluene under semibatchditbons, the formation of benzyl alcohol

is initially equal to the rate of formation of bedehyde. As the overall conversion
increases the benzyl alcohol concentration at fiesreases much faster than benzaldehyde,
but this decrease slows down causing the benzghalconcentration to reduce to zero only
very slowly. To account for this phenomenon a neaction pathway has been proposed
where the formation of benzaldehyde out of benzylbgeroxide is catalysed by benzoic
acid. Incorporation of this new reaction in a modaproves the description of benzyl
alcohol concentration prophiles while maintainingod predictions for benzaldehyde and
benzoic acid.
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1. Introduction

Toluene oxidation is a reaction system in which naiséry, Kinetics, thermodynamics,
transport processes and hydrodynamics interactdanaplex fashion. Although the initial
development of the process took place already rni@e 50 years ago (Palmer and Bibb,
1942; Hearne et al., 1951) and a lot of detailsehla@en published (Keading et al., 1965;
Mulkay and Rouchoud, 1967; van Goolen and van dengy,BL967), there is still room for
improvement especially in the area of integratidrthe aforementioned disciplines. As an
integrating tool, modelling is very suitable to foem that task. Early model developments
have in common that the main focus is on the kisesind that other process items are not
considered. The interaction of the mass transfeoxgfgen with the toluene oxidation
reactions has been addressed by Hoorn et al.@nemt paper (Hoorn et al., 2005). In order
to develop a model suitable for combination withrendetailed mass transfer phenomena the
kinetic mechanism is simplified to interactionsveetn the basic components. The simplest
model possible is derived from the overall reacstmichiometry (Figure 1).

@ benzaldehyde benzoic acid
toluene @
benzyl alcohol
@ Tol + 0, —— Bald + H,0 R; = Kiz Croi Coz
@ Tol + %0, —— Balc R, = K12 Crol Coz
® Bald + % O, ——— BzA R3= K3 Cgag Co2
@ Balc + %0, —— Bald + H,0 R4 = K4 Caic Coz

Figure 1. Basic model kinetic scheme.

It has to be noted that the expressions for thetimarates of the above model were
generated on basis of a best-fit procedure dursrgrpeter estimations. In particular the
oxygen dependence in the expressions, i.e. figdrds in contrast with the general view on
autoxidation reaction rates: zero-th order withpees to oxygen concentration (Helferrich,
2001).
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However, with the implementation of the mass transfate of oxygen substantially

improved results were obtained when the oxygen eaination was incorporated in the

equations. Other model parameters than those frkihetic rate constants have been
estimated using literature correlations. The valf@s the specific surface area were
estimated with the correlation of Shridhar and €0o{tL980), diffusion coefficients were

estimated with the correlation of Wilke-Chang (1R5Mass transfer coefficients were

calculated for water with the equation of van ‘€R{1979). To translate the mass transfer
coefficients from water at ambient conditions tduéme at reactor conditions, it was

assumed on basis of the penetration theory frombielig1935) that the mass transfer
coefficient varies with the square root of the ukibn coefficient as shown in Eq. (1).

(1)

k_(toluene, 150 °C) _ |D(toluene, 150 °C)
k. (water, 25 °C) D(water, 25 °C)

The reactor models have been programmed in Aspato@uModeler. The equations are
given in Appendix A. Within Aspen Custom Modeleteast squares method is applied to
minimize the differences between experimental v@lad model calculations. The
parameters for this basic kinetic model have beeterthined in an experimental set-up
comprising a reactor/condenser system operatecconinuous mode (Hoorn et al., 2005).
This is suitable for testing under industrial cdiwtis, but not optimal for kinetic parameter
estimations. To validate the model under differ@riditions a number of experiments have
been performed in a semibatch laboratory autoclavéhese experiments oxygen was the
only reactant that was supplied continuously.

2.  Experimental

A Parr autoclave is used for toluene oxidation expents. The reactor set-up comprises a
batch liquid and a continuous gas phase. The Ragclave has a volume 250 ml, is
equipped with a mechanical stirrer and has a sadglee. The autoclave is equipped with
a reflux condenser of sufficient capacity with respto the heating power of the reactor
jacket. The reflux rates are fairly high in a tygi@xperiment. Application of a cold trap
after the condenser shows that the amount of caaddd® components passing through the
reflux condenser is very little compared to thaldiquid content. A scheme is shown in
Figure 2.

38



Chapter 3
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Figure 2. Principles of toluene oxidation in Parr autoclave.

The temperature for the experiments was in theaaid 55 — 165C and the total pressure
in the autoclave was kept constant at 7 bar. Ais \applied as gas feed. The oxygen
concentration in the off-gas flow was kept belowv8l% for safety reasons. Five
experiments were performed at a gas flow of 50M{Zlxygen concentrations were typically
in the range of 2 vol%. The differences in inductperiod were taken into account by taking
the initial increase in temperature in the liqusttlae starting time of the reaction.

The estimations of kinetic parameters were perfdrrog a least squares minimization
procedure. The objective function was the sum efwieighted differences between model
and experimental observed mass fractions in theditpr the components benzyl alcohol,
benzaldehyde and benzoic acid. Toluene was naided in the objective function because
the toluene concentrations were not analysed brivete from the mass balance. The
weights of the experimental values for the masstisas were determined by a combination
of methods. The weight for benzyl alcohol was fix@da value of 1, the benzaldehyde
weight was adjusted to 0.8 on basis of the (av@ralyightly higher mass fractions. The
weight for benzoic acid was determined by trial ancbr; the results of several estimated
parameter sets with varying benzoic acid weightswv&d that best results were obtained
with a value of 0.2.

The statistical output of the results is given ams of the squared residuals of model
prediction and experimental values (SSR). Alsodima of squared observations (SSO) are
given as reference for the SSR. These definitiorts & well as the standard deviation of
data are given in Appendix A.
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The standard deviations for parameters are theawegs as calculated by the standard
procedure provided by Aspen Custom modeler (comaeianatrix calculation from Jacobian
and Hessian matrices of the objective function thiecpbarameters).

3. Results

The results from 5 runs with identical settings disted in Table 1. The toluene
concentration is not analysed but calculated froenttalance.

Table 1. Experimental data.

Experiment# Time BzA Balc Bald
(min) (wt9o) (wt9o) (wt9o)
1 7 0.10 0.54 0.51
15 0.91 1.41 1.28
27 3.51 1.70 2.07
41 7.28 1.26 2.59
60 13.04 0.78 2.49
79 21.36 0.78 2.20
95 25.72 0.83 2.10
104 27.87 0.82 2.04
2 9 0.13 0.58 0.60
20 1.63 1.33 1.70
34 5.08 1.04 241
49 9.05 0.85 2.40
64 13.49 0.69 241
79 18.33 0.59 2.33
98 23.51 0.57 2.17
106 25.93 0.58 2.13
3 1.25 0.04 0.19 0.14
6.5 0.22 0.84 0.70
9.8 0.64 1.29 1.25
18 212 1.46 1.86
44 9.05 0.74 2.60
60.5 14.01 0.51 2.49
89 18.64 0.41 2.34
119 29.77 0.34 2.03
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Table 1. (continued.)

Experiment# Time BzA Balc Bald
(min) (Wt%) (Wt%) (Wt%)
4 0.5 0.00 0.02 0.03
5.8 0.04 0.46 0.53
10 0.33 0.96 1.07
20 1.95 1.34 1.98
30.25 4.43 0.98 2.48
45 8.57 1.19 2.29
59.8 12.09 0.61 2.46
5 6.35 0.14 0.64 0.49
12.2 0.66 1.27 1.19
26 3.76 1.39 2.36
45.8 9.21 0.59 2.68
63 14.57 0.47 2.41

With the basic model the simulation results for zs@dehyde and benzoic acid are in good
agreement with experiments. The description fozikalcohol was not satisfying, it proved
not to be possible to qualitatively describe thamel hump" in the concentration of benzyl
alcohol as is shown in Figure 3.

benzyl alcohol (wt%)

0 20 40 60 80 100 120

time (min)

Figure 3. Model prediction ver sus experimental values for benzyl alcohol, basic model.

The results presented in Figure 3 clearly suggeasi@dsome adaptation on the basic model
was required to improve the model prediction fandydalcohol.
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One of the possible routes was to change the ozactider coefficients and modifiy the

reaction rate expressions, for example to a maabile power law. This option was not

preferred because the relation of power law expresdo chemical or mass transfer effects
is difficult to make. In other words, power law naedsl are not convenient when kinetic
expressions are to be derived from chemical priesipinstead, it was preferred to extend
the basic model with an effect that occurs prefigtiy at higher conversions. To identify

possible reaction pathways where such effects canro(part of) the toluene oxidation

reaction network is explained in the next section.

4. Toluene oxidation reaction network

Bukharkina and Digurov (2004) published a comprshenreview on the field of the
kinetics and chemistry on liquid-phase oxidatiofkis field can be subdivided into three
main systems: metal catalysed oxidation in non+pstdvents, oxidation in acetic acid as
solvent and oxidation in presence of bromide catalyEach of the reaction systems has a
number of particular properties, but all systemgehim common that the reactions proceed
through radical intermediates. These radical reastiare part of a network comprising
initiation, propagation and termination steps. dididion, non-radical reaction steps also can
occur.

4.1. Initiation

Chain-initiating benzyl radicals are generated frastuene by cobalt(lll) through one-
electron oxidation (Morimoto and Ogata, 1967) asnshin Eq. (2).

PhCH + Co* — PhCH* + Cd" + H' 2)
Peroxides in general are considered as radicahtiom sources. The decomposition of
peroxides is catalysed by cobalt(ll)/cobalt(lll) enHaber-Weiss redox cycle (Helfferich,
2001), Eq. (3) and (4).

PhCHOOH + C8* — PhCHOO» + Cd* + H (3)

PhCHOOH + C38° —= PhCHOs + Co" + OH (4)

The role of cobalt in the autoxidation of tolueneaelated components is not limited to
these reactions (Scott and Chester, 1972; Kaga®®8)L More examples of cobalt
interactions are given in the next paragraphs.
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4.2. Propagation

Independent of the specific reaction system, atthmaisms presented in literature comprise
a diffusion controlled oxygen-coupling reactionlwiienzyl radical to form a peroxy radical

(Bhattacharya et al., 1973; Quiroga et al., 1988d&He and Clément, 1968; Korthals Altes
and van den Berg, 1966; Ivanov et al., 1983) asasho Eq. (5).

PhCH* + O, ——» PhCHOO» (5)

This peroxy radical can substract hydrogen fromauntable substrate but most often it will
be from toluene or benzaldehyde (Eg. (6) and @nilar reactions also occur with the
benzoyl radical instead of the benzyl radical asashin Egs. (8) to (10).

PhCHOO» + PhCH —» PhCHOOH + PhCHs (6)
PhCHOO» + PhCH(O)—»> PhCHOOH + PhG(O) 7)
PhG (O) + O —» PhC(0)0OQG (8)
PhC(O)O@ + PhCH ——» PhC(O)OOH + PhCHW 9)
PhC(O)O@ + PhCH(O)—» PhC(O)OOH + PhgO) (10)

The formed perbenzoic acid takes part in the oldabof benzaldehyde to benzoic acid
(Baeyer-Villiger reaction, see next paragraph).bBeroic acid can also be decomposed to
benzoic acid by Co(ll) through an overall reacto@scribed by Hendriks et al. (1978a), see
Eqg. (11).

PhC(O)OOH + 2C8 + 2H — 2C0" + HO + PhC(O)OH (11)

Some other radicals are also involved in transéactions producing a stable product, for
example the reaction of benzyloxy radical (formedthe initiation reactions) substracts
hydrogen from toluene or benzaldehyde to form bealzphol, Eq. (12) and (13).

PhCHO» + PhCH —»> PhCHOH + PhCHe (12)
PhCHO- + PhCH(O)—» PhCHOH + PhG(O) (13)

4.3. Termination and Sequential Reactions

Experiments on toluene oxidation are mostly caraetiwith high oxygen concentrations in

the gas phase. The reaction rate of C-centeredaladiith oxygen is in general very fast.

Traces of oxygen in the liquid decrease the comagah of C-centered radicals drastically.

For these reasons termination products from C-cediteaadicals such as benzyl radicals only
occur at very low oxygen pressures.
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The primary termination reaction proceeds accordioga Russell mechanism (1957)
between two benzylperoxy radicals forming oxygeenayl alcohol and benzaldehyde
(EQ. (14) and Figure 4).

2 PACHOO» ——» PhCH(O) + PhCHDH + O (14)

0
CH,00e 0/\'\?
H—3 €0
H
2 _— ! ——  PhCH(O) + PhCH,OH + O,
H H

Figure 4. Russell mechanism for benzylperoxy radical termination reaction.

The oxidation of benzaldehyde to benzoic acidBmayer-Villiger type reaction. In Figure 5
it is shown that perbenzoic acid oxidizes benzaldeHorming two benzoic acid equivalents
(Hendriks et al., 1978b).

OOH

0
H \C/ HO 0+—0
50
o~ 0 — oo .

Figure5. Baeyer-Villiger reaction.

COOH

Formation of benzaldehyde from benzylhydroperoxmleceeds through a Co(ll)/Co(lll)
cycle as shown in Egs. (15) and (16).
PhCHOOH + Cd* —= PhCHOO» + Cd&" + H' (15)
PhCHOO» + Cd&" —— PhCH(O) + C& + OH (16)

A pathway involving a hydrogen abstraction from tienzylic position of benzyl alcohol
under the influence of Co(lll) also accounts fombamldehyde formation. The radical
intermediate ("center-OH radical") reacts with ogggto form an peroxy hydrate which
decomposes in turn to hydrogen peroxide and beelzgite (Figure 6).
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PhCH,OH + Co¥* —* PhCHOH  + Co?* + H

H. Q0 .
PhCHOH + 0, ——— @<OH 7—T> OH W PhCH(O)
RH R

Figure 6. Oxidation of benzyl alcohol to benzaldehyde.

To summarize the (main) reactions pathways, a #ieglscheme is presented in Figure 7.
All secundairy transformations that occur in mu#ipeactions such as the cobalt oxidations
or reductions and the hydrogen abstraction reasti@ve not been taken into account in the
scheme for clarity purposes.

PhCH(0) PhC(O)OH
) w
PhCH,e ¥>

PRCH,00- PhCHOH PRe©00H
f 5 PhE(0) (4
PhC(O)O0-
PhCH, PhCH,00H
PhCH,0e

~____, PhCH,OH

Figure 7. Reaction network for toluene oxidation showing main reactions.

Only a fraction of the reaction rates of the remtdi mentioned in Figure 7 are known. In a
series of papers by Howard and Ingold reactionsrdte a variety of alkyl aromatic
compounds have been determined (1967). The develugnon the estimation of reaction
rate constants through molecular modelling are ypeoynising but still not that accurate for
predicting the pre-exponential factors (van Spegbkoand Meier, 2003). The number of
reactions studied in detail is also quite limitéitl. SThe reactions shown in Figure 7 have no
indication for a decreased formation or increaseaction of benzyl alcohol at higher
conversions. The primary component formed at highversion is benzoic acid. It is
postulated here that benzoic acid reacts with dagdyoperoxide to form an intermediate
peroxyester (Figure 8).
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CH,00H COCH H 00 :
@ ' @ o ©/<H ¢ + HO

Figure 8. Formation of benzylper oxy benzoate ester.

The peresterification is followed by a decompositio form benzaldehyde and benzoic acid.
The postulated six-membered transition state of peeester decomposition strongly
resembles the commonly accepted transition state tlie Baeyer-Villiger type of
rearrangement shown in Figure 9.

1 0T H COOH
@Q »— o @
W J —_— +

Figure 9. Formation of benzaldehyde by benzylper oxy benzoate ester decomposition.

In this way the formation of benzaldehyde will hawedependency on the benzoic acid
concentration, i.e. as the reaction progressegdtee of benzaldehyde formation will be

increased relative to that of benzyl alcohol. Ntitat benzoic acid effectively acts as a
catalyst for benzylhydroperoxide dehydration tozsddehyde, since it is regenerated in the
peroxyester decomposition step.
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5. Extended model

To incorporate the concept of a peroxyester intdrate benzylhydroperoxide (peroxide)
and its radical equivalent are added to the basetik scheme (Figure 10).

@ benzaldehyde — benzoic acid
peroxide

toluene __ (@ @ U@ © @

\ peroxy radical \C(DA

benzyl alcohol

@ Tol + 0O, — Pers R; = K; Crq Cop

@ Per —— Pere R.= Ka Cper

) Pere —  Per Rp = Kp Cper

(© 2Per —— Balc + Bald + O, R, = K¢ Cper.

@ Per —— Bald + H,0 Ry = K4 Cper Caza
® Bald + %0, — > BzA R;= k7 Cga Coz
(®» Balc + %0, — Bald + H,0 Rs = Ko Cgalc Coz

Figure 10. Extended model kinetic scheme.

The naming of the rate constants in comparisorhéobiasic scheme in Figure 1 has been
kept identical as much as possible. The rate cotsstthat are involved in equations
comprising reactive intermediates have been detagnatters instead of numbers because
these constants will be simplified later.

To eliminate the reactive intermediates from thie rxpressions, no distinction is made
between initiation and termination rates on onedhemd propagation rates on the other hand
(which is commonly applied in reducing radical netls (Helfferich, 2001) because several

components are involved in both radical and noneeddreactions. Instead, the peroxy

radical and peroxide concentrations are eliminatgl an overall steady-state assumption,
see Eqg. (17) and (18).

peroxy radical: R, +R_, =R, +2[R, a7)

peroxide: R, =R, +R, (18)
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In order to reduce the number of parameters,atss assumed that the radical reactions (a)
and (b) are much faster than the other reactiohs.peroxy radical and the hydroperoxide
maintain in equilibrium throughout the reaction gmess. On basis of Eqgs. (17) and (18), it is
not difficult to derive equations for Rand R in which the intermediates have been
eliminated (see Appendix B). The explicit expressidor R and R allow all component
reaction rates to be expressed as functions ofadisie concentrations:

k,[c., [C

R, —_1 ~Tol 7O, (29)
2+ k2 |ﬁBzA

R, = K, (K, [Cgya [Crg [Co, (20)

2+k, [Gg,,

6. Comparison of the models

The modified reaction rate expressions after ogiimgi the kinetic parameters improves the
benzyl alcohol description indeed substantiallyisashown in Figure 11 (Right side). The

comparison of the results generated by the two teageshown in graphical form in Figures

11-14. The values for the kinetic parameters oftéin@ models are given in Table 2 and 3.
The interval values in Table 3 are the standardatiens. The correlation matrices show
how much the parameters dependent on each otherstatistics on the data points and the
goodness-of-fit are given in Table 4.

g
©

BoR e
[SY R NI

o
o

benzyl alcohol (wt%)
benzyl alcohol (wt%)

time (min) time (min)

Figure 11. Model prediction (lin€) versus experimental values (symbol) for benzyl alcohol
concentration as function of reaction time. L eft: basic model. Right: extended model.
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Figure 12. Model prediction (lin€e) versus experimental values (symbol) for benzaldehyde
concentration as function of reaction time. L eft: basic model. Right: extended model.
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Figure 13. Model prediction (lin€e) versus experimental values (symboal) for benzoic acid
concentration as function of reaction time. Left: basic model. Right: extended model.
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Figure 14. Mode prediction (lin€) versus experimental values (symbol) for toluene concentration
asfunction of reaction time. Left: basic model. Right: extended model.
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Table 2. Kinetic parameters basic model.

Parameter values

Correlation matrix

Ki2 ks Kq
ki 0.018+£0.002 |/mol/s kio 1
ks 1.52+0.15 I/mol/s ks 0.99 1
ks 1.93+0.20 I/mol/s Ky 0.96 0.95 1
Table 3. Kinetic parameters extended model.
Parameter values Correlation matrix
ke ko ks K4
ki  0.020+£ 0.002 I/mol/s ky 1
k., 0.051+0.022 I/mol ko -0.12 1
ks 0.87+0.06 I/mol/s ks 0.97 -0.07 1
ks 0.65+0.08 I/mol/s ke 0.46 -0.92 0.40 1
Table 4. Statistical output for both models.
Component Weight  Statistic Experimental data  Basic model Extended model
Benzyl alcohol SSO 30.6
SSR 3.33 1.79
SDD 0.31 0.23
Benzaldehyde SSO 139
SSR 3.01 2.28
SDD 0.24 0.21
Benzoic acid SSO 6056
SSR 66 79
SDD 0.28 0.31
Toluene SSO 270213
SSR 536 661
SDD - -

" SSO = Sum of Squared Observations, SSR = Sum of SgRasédlials, SDD = Standard Deviation of Data.

7. Discussion

The estimation of kinetic parameters on the battbdave experiments has been successful
for both model versions, but the extended modeh Wwrnzoic acid concentrations in the

reaction rate expressions gives a better quakatind quantitative description of the benzyl

alcohol concentrations. Also with regard to thecdigsion of benzaldehyde the extended

model has a slightly better performance than th&cbeodel as can be seen from the

statistical values in Table 4.
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The differences are not very substantial howevemparing the ratio of the sum of squared
residuals and the sum of squared observations nipgovement for benzaldehyde is a
decrease from 1.3% to 0.9% in favour of the extdndeodel. The benzoic acid
concentration is better described by the basic indde changes are not very substantial as
can be verified by the visual comparison of FigliBeand Figure 14. For both models it is
observed that the concentrations for benzaldehpgpea to be somewhat lower than the
experimental values. By changing the weights fa different datasets in the parameter
estimation procedure it is possible to improve description for benzaldehyde by a few
percent but at the same time the good fit for bealgphol is lost. Extension of the number
of experiments and increasing the variation inrgrection conditions should be the strategy
to improve the model in this respect.

The extended model includes a peresterificationenizylhydroperoxide and benzoic acid as
an important step in order to describe the kineébaviour of benzyl alcohol properly. This
assumption is reasonable, since peroxyesters cgordpared through condensation of a
hydroperoxide with carboxylic acid (Sanchez and #tey. Other models, such as those
described by Bukharkina and Digurov (2004), appedre able to describe the kinetics of
benzyl alcohol properly. Unfortunately, the lackdstails with respect to their model and
experimental conditions precludes a more accu@tgarison with our extended model.

Five experiments with identical conditions provaleseful estimation of the accuracy of the
results. As can be seen from Figure 12 and Fig8réhk spread in the benzyl alcohol values
is larger than the benzaldehyde percentages. Slusused by a combination of factors. The
concentrations for benzyl alcohol are a factor ®eothan benzaldehyde after the initial
reaction period. Benzyl alcohol is also more difficto analyse accurately than

benzaldehyde. A third reason is the involvemerteizyl alcohol in side reactions such as
esterfication with benzoic acid to benzyl benzoate.

Although the limited number of and variation in erpents make it impossible to estimate
a larger number of kinetic parameters, it is qoestble whether all kinetic parameters of a
reaction network presented in Figure 7 can be ohetexd on the basis of experiments alone.
The most promising route to manipulate complextieametworks appears to be a synthesis
of experiments and molecular modelling. One of @or challenges is to maintain the
balance between the number of parameters and duicpive quality of the model. At the
same time it is very much desired to increase thmber of significantly determined
parameters at the lowest experimental effort.
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On the basis of the theoretical correlations it feasd that the high rotational speed of the
autoclave stirrer and the small liquid volume gavgh values for the mass transfer
coefficient, making the exact value for mass transbefficient not very critical.

In a previous investigation (Hoorn et al., 2005)és found that the oxidation of toluene is a
slow reaction with respect to mass transfer. Inlwoation with a sufficiently high oxygen
concentration in the gas phase it can therefoiheluded that the mass transfer for oxygen
Is not important in these experimental settingsweler, the models are set-up in such a
way that also non-ideal conditions can be described

8. Conclusions

In a batch operated autoclave the benzyl alcohaceatrations are initially increasing
equally fast as benzaldehyde. As the oxidationobieine progresses, the benzyl alcohol
concentration diminishes faster in comparison viiémzaldehyde, but the benzyl alcohol
concentration approaches zero only very slowlpatiér reaction times. In order to describe
this behaviour by means of a model a dependenctherbenzoic acid concentration is
suggested. Through the hypothesis that the decatigmosf benzylhydroperoxide to
benzaldehyde is catalysed by benzoic acid the foomaate of benzaldehyde is increased
relative to benzyl alcohol at higher benzoic aaeaentrations. Through estimation of the
kinetic parameters the modifications in the modwleled improve the description of the
benzyl alcohol concentration profiles observedmyithe oxidation of toluene.

Nomenclature

Notation

C concentration in liquid phase kmof/m

F flow kmol/s

k kinetic rate constant “or n/kmol/s
kP flow constant for controlling flows kmol/bar/s

kY flow constant for controlling flows kmol/is

kLa volumetric liquid side mass transfer coefficient st

m mass in liquid phase kg

M, molar mass kg/kmol

n number of moles kmol
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Nobs

<X << X =2 <X TV
2 8 o
S &

Greek

number of observations
number of parameters
pressure

reaction rate

volume

weight factor for estimation
mole fraction in liquid phase
mole fraction in gas phase
calcultated variable
observed variable

molar density
fugacity coefficient

Sub- and superscripts

[ component

gas vapor phase

vap vapor phase

liq liquid phase

tot total

nv non-volatiles

set set point

in feed stream

out exit stream

sat saturated
Abbreviations

Balc benzyl alcohol

Bald benzaldehyde

BzA benzoic acid

Per benzylhydroperoxide
Pes benzylperoxy radical
Tol toluene

bar
kmol/m’/s

m3

kmol/kmol
kmol/kmol

kmol/m®
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Appendix A. Moddl equations and statistical definitions

Kinetics — basic Kinetics — extended
R1:k12[CTOL [Coz k [Croi[Co2
k,[c, [C
2= k12 [CTOL [Coz c =#IEBS:
K, [k, [Cg,a [Crq [C
_k CgaLp [Co2 Ry = : ;_'_E:E:BTZAI o2
2 =K, [Cgpc [Coy R; =K;3[Cgaip [Coy
R4: 4[CBaIc[C02
RBALC:RZ_RA RBaIC_RC_R4
RBALD:Rl_R3+R4 RBaId:Rc+Rd+R4 Rs
RBzA:R3 RBZA: 3
Ry =R;+R, R =Ry +R,
1 1
Rozz_Rl_EmR2+R3+R4) ROZZ_R1+RC _E(R3+R4)
RTOL :_RI_RZ RTol :_Rl
Definitions
m;, =n;,; (M,

(Wt%), =1008
m

v
m, :Zmi -mg,—m
i
Reactor
For all components i :
Quasi Y = By X
Ngastot [Yi = Ngasi
Miig ot L Xi = Niigs
C =Piq [x
Sat_pI atDksat

Fout — yl [H:OUt

gasi gastot
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dn,. _
gl — pin +k alv sat_Ci)+V

dt ligi tot \~i

R;

liq

dn,..
gasl :Fm _Fout —kLaW sat_ci)

dt gasi gasi tot A&
Other equations :
F;:Stto'f = ngi]l;si + kflow I:Gl:)tot - Pset) if Ptot 2 Pset else Fout =0

gastot —

I
Vgas[pgas = ngastot
Vliq [pliq = nliq,tot

Vig *Vgas = Vi

ngastot - z ngasi
i

nqu,tot = aniq,i
i
Cooler
For all components i :
_— sat
Pyasi Ly = Biq,i X

ngastot [yl = ngasi

Niig ot [Xi = Ny,
Ci =Piq [X;

sat _ ~sat sat
G =p Dki

out — out
I:gasi - yi [H:gastot
out out
l:qu,i _Xi |:H:qu,tot
dn,,.
q, sat out
dt _kLawtot i G )+Vliq [Ri _Fliq,i
dn_. _
gasi _ rin out sat
dt - I:gasi - I:gasi - kLaWtot i _Ci)

Other equations :
F;:;tot = Kfiow [Gptot_Pset) if P, =P, else Fox =0

gastot —
FOUI - k\/

lig,tot — Kflow |:G\/nq _Vset) if Vliq >V, else Fo't =0

lig,tot —
Vgas[pgas = ngastot

Vliq [pliq = nliq,tot

57



A kinetic model for toluene oxidation comprisingnbgperoxy benzoate ester

Vliq + Vgas = Vtot

ngastot - z ngasi
i

Niig ot = aniq,i
i

Statistical definitions:

Nobs

Sum of Squared Observations, SSO=ZY 2

expi
i=1

Sum of Squared Residuals, SSR= OS(Yexpj —Ycalci)2

i=1

n,

Z":‘“(Wi [ﬁYexpj =Y cag ))2

Standard Deviation of Data, SDD=1/-2

—-n

obs par
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Appendix B. Simplification of reaction network

Reaction rate equations: R, =K, [Cry [Co,

R, =K, [Cpq
R, =K, [Cpe,
R.=k.[c

Pew

R, =K, [Cpq[Cp,a
Steady state assumption on peroxy radical and pkrox
R,+R,=R,+2[R, and R, =R,+R,
Substitution of the expressions for the reactidgagand some rearrangements gives:

c _ kl [(ka + kd [CBzA)[CToI [COZ
Per — 2|:Ra |:Rc + (kb + 2|:Rc)l:Rd |EBZA

o = K, Ky [Crg [Co,
Per 2|:Ra |:Rc +(kb +2|:Rc)md |EBZA

These expressions are substituted in the reacies R and R:

_ kl[kc [(ka +kd [CBZA)[CTO| [COZ
° 2|:Ra |:Rc +(kb +2|:Rc)|:kd |ﬁBzA

I 1L LA (RN [
‘ ZERa[Rc +(kb +2[Rc)[Rd |ﬂBzA

When k and k are much larger than the other constants the ieqsabr R andRy become:
[k
kl % |EBZA |ﬁToI |ﬁoz

K, [Cr [Co
R =——F—F—"— and R
¢ k, K d k, K
2+ kb [Rd |EBZA 2+ kb [Rd |EBZA

The parametersyithrough I in these two expressions can be replaced by alependent
constant (kfor naming convenience) giving the following fir@{pressions for the rate
equations:

_kyleryleo, and R - K, (K, [Cgya [Crg [Co,
cT AL L = d—
2+k2 |EBZA 2+k2 |EBZA
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Modelling of mass transfer in combination with realireactions

Abstract

The diffusion-reaction equations for different mbdersions have been solved using a
finite-differencing technique. In all models a reatt A is transferred from the gas to the
liquid phase and reacts in the liquid with B tonfioP. The calculations comprised a simple
stoichiometric model, a system with radical intedimages involved in the propagation steps
and a version where also the termination reactos® included. The results show that the
diffusion coefficients of radical intermediates daewve significant influence on the profiles
of concentrations and reaction rates near the @Arface. Furthermore, it is shown that for
very fast reactions differences in diffusion coaéfnts of the intermediates influence the by-
product formation. For systems of two radical intediates, the so-called mixed termination
product is only formed in low quantities whereag tbther two termination products

dominate. The calculation of enhancement factogsired in the design of a G/L reaction

system can be performed with simplified models whitre reactive intermediates do not
occur in the expressions for the reaction rate® dptimum model for a specific design

purpose can be found by tuning the functions tloatetate the parameters of the complex
model to the parameters of the simplified modelptimciple it is possible to very easily

evaluate a large number of alternatives.
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1. Introduction

The calculation of the rate of mass transfer inghsorption of gases followed by complex
chemical reaction is a challenging task. The teskbexample of a single first-order

irreversible reaction is often a drastic simplifioa of real reaction systems. However, the
concepts of Hatta number and enhancement factosimmgle and well established. A great
number of researchers have investigated a wideetyadf chemical reaction systems in
which one ore more reactants or product speciesrlabsor desorbs. The spectrum of
reactive systems includes single and multiple reast(parallel and in-series), irreversible
as well as reversible reactions and auto catahgctions. A comprehensive overview on
the literature on mass transfer accompanied by aghemical reactions can be found in
Van Swaalij and Versteeg (1992). In industry, readiinvolving radical intermediates are
frequently encountered. Examples are oxidation ehldrination reactions. In the fine

chemicals industry, gas/liquid processes such amibation or ozonolysis proceed through
radical intermediates. Already the simplest reactimechanisms involving radical

intermediates comprises multiple reaction sche®@e$y in the case of a specific definition,

a single irreversible reaction, analytic solutidosthe diffusion-reaction equations can be
found. One example of such a special case is dgiyeGim and Mann (1975). They studied
the autocatalytic reaction:

A+Re —» Re + R (1)

The authors applied the film theory to calculate thte of absorption and the enhancement
factors. The equations were solved through a nuwalgprocedures involving integration of a
system of first order differential equations by adified Rung-Kutta method (Juvekar
(1976) suggested an improved solution techniquegddition, Flores-Fernandez and Mann
(1978) published a paper with a comparison betwigenand penetration models for the
aforementioned reaction. Another example, not tiyec the field of chemical reactors, was
presented by Burns et al. (1970). The radiolysicyaflohexane was described with the
following set of reactions:

CeHip —~w»—>  GCeHiy —> Hp +  CeHio
CeHip —~w—>  GCeHizy —> He +  GeHipe (2)

A point source of radicals was created by the tamhanergy in the liquid. In the models the
point sources were approximated by Gaussian s@henicylindrical distributions. Burns et
al. (1970) included a number of propagation anchitgation reactions in their models.
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Reactions involving radical intermediates are imegal fast to very fast reactions. For
radicals, the reaction rate constants are typidallthe range of T0to 10 m*kmol/s for
second order reactions (Carey and Sundberg, 19B&rsi8, 1981). For very fast or
instantaneous reactions the equations of Higbieeefpation theory can be solved
analytically.

For a single irreversible instantaneous reactiotheftype A + B— P the enhancement
factor and the location of the reaction plane caridund from an implicit equation that has
to be solved for a paramefg(definitions according to Froment and Bischof, QP9

B’ B |_a%eoDs B B
exp{D—Bj@rft{\/D_BJ—EDCM 0 D, EXF{DA]@H{EJ (3)

The constants a and b are the stoichiometric «oeffis for the reactants A and B
respectively. For any time t the position of thaatgoon front &) is given by:

5 =2BL/t (4)

The enhancement factor is given by:

Eno = 1

) - (5)
‘*”[JEJ

2.  Model systems studied

Three model systems have been considered, all owttavith A as a gaseous component
from the gas phase transferring to the liquid agacting with B to form product P. The
reaction pathways make the difference. The modale lbeen given short names to reflect
their essential feature.

2.1. Model ABP
This is the model for the stoichiometric reaction:

A+ B — P (6)
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2.2. Model 3T

This model is based on a small network of reactionslving radical intermediates. The
system comprises six reactions as shown in Figure 1

initiation
k
B + I ——» Be 4+ In @
propagation K
Be + A — 2 » P (8a)
ks
B + Po ——» B + P (8b)
< | > |
A / B. P
termination K
B + B — » T, (9a)
kS
Be + Po ——» T, (9b)
Ke
Pe + Pe — > T, (9¢c)

Figure 1. Componentsand reactionsin the model 3T.

The source of radicals originates from a suitabigaitor (In*) that reacts with B to generate
the radical equivalent of B. The propagation stepsformed by two reactions: Beacts
with A to form B, reaction of this radical with B gives P ane. Bhree by-products from
termination reactions can be formed. The numbg@aodmeters in model 3T is already quite
large. Besides reaction rate constants also diffustoefficients, volatility for each
component and mass transfer parameters can belvarie

2.3. Model BPdot

This third model is a simplified version of moddl 8omprising only the two propagation
reactions, Eqgs. (8a) and (8b) respectively. Thiation reaction, Eq. (7), has been left out
because it is assumed that the reaction is sdHasall radicals are in the form o# Bt the
start. Model BPdot has been incorporated in thdyaisabecause part of the effects can be
studied more effectively in a system with fewergraeters.
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2.4. Absorption model
For all model systems assumptions have been made:

« diffusion is described by Fick's laws; there arecanvective contributions in the liquid
phase to mass transport,

» the solventis inert,

» the temperature is constant, heat effects of @astnd absorption are not included,

» the density of the liquid is constant,

* mass transfer resistance in the gas phase is iglig

For the description of mass transfer the penetrati@ory according to Higbie has been
applied. The disadvantage of more complicated niwaecalculations in the penetration
theory in comparison to the film theory is compaedaby more physically realistic

descriptions (Versteeg et al.,, 1987). In the petiein theory the equation for a single
diffusing and reacting component (i) is given by:

Lop, £6X£+ R (10)

Initial condition: t=0and =0 G = Cibukk (11)
Boundary conditions: t> 0 and xe= G = Cbuk (12)
t>0andx=0 Jigas = Jiliquid (13)

In the application of the first boundary conditideg. (12), the bulk concentration of the
absorbing species A is set to zero. This is allowedhe present study because only
irreversible reactions are considered. The secanthdary condition states that the flux of
component i in the gas phase is equal to the fiuke liquid phase. The expressions for the
reaction rates differ for each model but all reactiates are derived from the stoichiometry
of the molecular reactions. For the BPdot- and Bibdel the rates for the reactions are
defined by Eq. (14). The overall component reactaie expressions are given in Table 1.

R,=k,[c,.[cy
R, =k,I[c, [cg.
R, =k;lc; [ch
R, =k, @2,

R; =K, [cg. [Cp,

R, =k, G2 (14)
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Table 1. Component reaction rates.

Component  Model ABP Model BPdot Model 3T

A R, =-k,[c,[cg R,=-R, R,=-R,

B Rg =-k,[c, [c, Rz =-R, R =-R;-R;

P Ry =k, [c, [cg Rr =R, R, =R,

Ine - R,.=-R;

In R,=R;

T: R =R,

T, R:,=R;

Ts R:;=R;

Be - Rg. =-R,+R, Rg. =R, -R,+R,-2[R,-R,
Pe - Rs. =R, -R, Rs =R,-R;-R.-2[R{

The concentration profiles and derived properties evaluated at the end of the contact
time, 1p. The contact time for absorption according to gemetration model is directly
related to the liquid mass transfer coefficient #mel diffusion coefficient of component A
by means of:

D
T, =4 ]—Az (15)
Tk
To display the concentration profiles in a morewament way a scaling factor is derived
from the solution of the penetration model for ameacting diffusion system (Westerterp et

al., 1990):

3 _ X
Ca (X, 1)=Cy; [%1 erf(—zmﬂ (16)

At any time t, the value of x for which the erranttion is close enough to unity to reduce
the concentration of A to zero is not preciselyed@ined. The error function of the square
root of 1t is close to 0.99 and this value is combined wiighto define the penetration
depth,dy:

— =i (17)
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Substitution of Eq. (15) for, gives:

5, = aPa (18)
L

The choice for the square rootmfs arbitrary, but as any other value for x woudddagually

disputable the esthetical result of Eq. (18) idgured.

3. Numerical treatment

The system of coupled non-linear parabolic paditierential equations has been solved by
application of a method presented by Cornelissa#.€t1980). This approach is based on a
three-point backward scheme for finite differenclmgBaker and Oliphant (1960). For an

efficient use of grid point allocation, transformaait of both the time and spatial variables
has been applied (Versteeg et al., 1989). Theftranation of the time variable is given by:

t=1,8° (19)

Wheret, is the specific contact time defined by Eq. (§)eBpatial grid is allocated through
a transform function comprising a parameter p éatbetween 0 and 1) through which the
curvature can be controlled.

x =plz+(1-p)z* (20)

For small values of p the number of grid points gietance increases in the direction of the
gas/liquid interface. The method for finite diffaoeng requires all equations to be linear in
the domain of interest. Besides the differentiamte the reaction rates are non-linear and
therefore need to be transformed. The linearizatibthe reaction rate terms is performed
through a first-order Taylor expansion around t&#enrence component concentrations that
have been calculated in the previous time step.r&aetion rate equation can be written in
general terms as:

comp

R- — k CBP-J (21)
J J EIp_J p

The exponenf,; is the reaction order of component p in thegaction. The component rate
equation is:
reac

R =YV, R, (22)

=
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The stoichiometric coefficient;; indicates the coefficient of component i in reaetj. The
combination of Eq. (21) and (22) in the linearieatbased on a Taylor expansion around C
gives:

reac com| comp ) com reac i comp )
R; = JZ:;VL] L [El_ ;'bp,i } Elp_:l (C:J)BN + ;p{;\’i,j k; E‘%ﬂ (C; )Bm [([:p} (23)

Details of this derivation are given in Appendix Phe discretizations of the differentials are
identical to the schemes applied by Cornelissd. €0880). Leaving the subscripts i out of
the following equations, the differentials in Ef0) are transformed to:

0C 1 BICy*-4lC; +Cyt

o (24)
o ' 2[As
2 n n
a(;’_’ 12D12_§Dg(2)3gl_ [Chy—2 12[!12_9(2)3["1_ [,
0x g@)° Az® 2 g'(2)° Az g@)° Az J'(2)° Az
T o=l (25)
g'@)° Az 2 g(2)° Az
The derivatives of the transformation functions gikeen by:
f'e) =41, (26)
g(2) =p+4l{l-p)z’ (27)
9'(2)=12({1-p) 2’ (28)

The boundary condition at the gas/liquid interfd€g, (13), is included as the flux condition
in the transformed and discretized equation (Casselet al., 1980).

| G\
i< =kg[ﬁcigas— OJ (29)
aX x=0 Y

mgl.
Application of the transformation for x and a numilaé straightforward rearrangements
leads to

0°C
ox?

" k C. ...
L1 on? formocpt)e Lp2 4 9@ e e Teem ) (3
g@° Az g Az d(2) D mgl

x=0
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The boundary conditions at x=are approximated by extending the grid to a déptthe
liquid sufficiently larger than the penetration tieps defined by Eq. (18). Taking the range
of the depth in the liquid as 5 times the penairatiepth is assumed to be sufficient. This
assumption has been checked on a number modelatadag by inspection of the gradients.
All checks revealed that the gradients were sfitty close to zero at x&%.

In the first time step the three-point backwardcditization is replaced by a two-point Euler
discretization because before t=0 no time stepex&nce the first time step is very small
(due to the transformation of t), the larger truiwaerror of the Euler step is considered to
be acceptable. While the gas phase concentratikepisconstant for a contact periggdthe
enhancement factor is calculated according to:

ot

X|,e

E: 0 , x=0 N (31)
kL s [thzo _Cbulk)

The gradient at x=0 is calculated by means of B2§).(The integral from 0 tap is

approximated by the summation of the gradients cadértime steps (integration by

trapezium rule).

dt

4. Model simulations

The number of parameters that can be varied imibeels is too large to treat all in detail,
therefore only the most interesting parameters baes selected. The emphasis has been set
on reaction rate constants and diffusion coeffiien order to examine the influence of the
reactive intermediates. Therefore, the gas phaseettrations and gas-liquid partition
coefficients are kept constant as well as the dicqphase concentrations at t=0 and in the
liquid bulk. In addition, k and k were kept constant. ForgKhe value was chosen
sufficiently high to eliminate gas film resistancgsg. 100 m/s). The liquid side mass
transfer coefficient khas been fixed atB0° m/s, a typical value for gas-liquid reactors. All
constant input parameters are listed in Table ZTade 3. The number of spatial grid points
has been set to 800 for all simulations. The nundberid points for the time coordinates
was standard set to 60. In cases where a highersjoe in the calculated enhancement
factors was desired, the number of grid points waeased to 600.
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Table 2. Default parameter values for model simulations.

Model Component Gas phase Liquid phase Diffusion Solubility
concentration concentration coefficient coefficient

C, (kmol/n?)  C (kmol/n?) D (nf/s) mgl (-)

ABP A 1 10% 110° 3
B 10%° 2 110° 10%°
P 10% 10%° 110° 10%°
BPdot A 1 10° 110° 3
B 10%° 2 110° 10%°
P 10% 10 110° 10%
Be 10 110° 110° 10%
Pe 100 10% 110° 10%°
3T A 1 10% 110° 3
B 10%° 2 110° 10%°
P 10% 10%° 110° 10%°
Be 10 110° 110° 10%
Pe 1040 10%° 110° 10%°
Ine 1040 10 110° 10%°
In 10%° 10%° 110° 10%°
T1 10% 10%° 110° 10%°
T2 10% 10 110° 10%
T3 10 10%° 110° 10%°

Table 3. Default second order reaction rate constants (in kmol/m?®/s) for model simulations.

Reaction Model
ABP BPdot 3T

A+B - P me°

A+Be - P 1nc 110
PP+B_.P+B 110 110
2B - T, 110
Be+P - T, 1o
2P . T, 110
B+Ine - Be +1In 110
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4.1. Position and shape of the reaction front

For fast reactions between A and B the region e lifuid where both A and B exist in
significant concentrations is very small. For intisy fast reactions this region coincides
with a single point. This is the point (or regiomhere the reaction rate between A and B is
maximum and is called reaction front. The diffusicnefficients of reactant B and
intermediate B influence the position and shape of the reactrontf For comparison the
results of the reaction A + B P are included. The analytical solutions have lmedculated
with Egs. (3) and (4). The positions of the reacfimnts are given in Table 4. The positions
are scaled with the penetration depth as defineedoy(18).

Table 4. Reaction front positions.

Model D(B) D«Be) &/,
m?/s nfls analytical numerical
ABP 1nmo° - 0.336 0.335
BPdot 110°  110° 0.335
110° 110°® 0.333
3T 110° 110° 0.335
110° 110°® 0.331
ABP no® - 0.194 0.196
BPdot 110  110° 0.202
1108 110°® 0.196
3T 1108 110° 0.205
1108 110°® 0.196

For model ABP the differences between the analytca numerical solutions are small
(less than 0.5% for the cases studied). Both tlad¢yical solution and the numerical results
agree on the large shift in position of the reacfiront by changing the diffusion coefficient
of B. The shift of the position of the reactionritas illustrated in Figure 2. In this figure the
local reaction rates of the overall reaction A +BP, based on the actual concentrations of
the various species, are calculated from the cdraign profiles emerging at the end the
contact time. For the analytical solution this fesin a front that is a sharp single line,
indicated by the dotted lines in Figure 2.
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Figure2.

Reaction rate asfunction of penetration depth for model ABP. Solid lines
arenumerical calculated results, dotted vertical lines arereaction front
positions according to Eq. (1) and (2). D¢(B) = 1010°® m%s (left peak) and

D«(B) = 1010° m%s (right peak).

With a diffusion coefficient of B of 0® m%s all models predict the position of the reaction
front within close distance from each other. Howews a smaller scale of the penetration
depth the profiles of the overall reaction ratesmaddel BPdot and model 3T deviate as
shown in Figure 3. This behaviour is also obsemwit D¢(B) = 110° m%/s (Figure 4).
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Figure3. Reaction ratesin theliquid for D¢(B) = 100° m¥s at time 1, for model BPdot (thin lines) and
model 3T (grey linesand symbols), (a) D(Be) = 1010° m?s, (b) D(Be) = 110® m%s.

73



Modelling of mass transfer in combination with realireactions

120 120

R (kmol/m3/s)
R (kmol/m3/s)

0.25

Figure4. Reaction ratesin theliquid for D¢(B) = 1[10°® m?/s at time T, for model BPdot (thin lines) and
model 3T (grey linesand symbols), (a) Dy(Be) = 1010° m?/s, (b) D¢(Be) = 1010® m?/s.

Comparing Figs. 3 and 4, it is observed that tlaetren rate profiles are more symmetrical
when the diffusion coefficients of B anc Birre equal. From Table 4 it appears that in all
models for equal diffusion coefficients the caltethlocation of the reaction rate maximum
is exactly equal to the analytical solution of thBP-model. The numerical value for the
diffusion coefficients appears to have no influenoe this observation as long as
Dc(Be) = D¢(B). If the diffusion coefficient of B differs fronthat of B the shape of the
reaction rate profile is non-symmetrical. FoiB») > D.(B) the reaction profile is stretched
in the direction of the bulk of the liquid becaube higher diffusion rate of Bresults in
lower concentration of Bin the vicinity of the reaction front. This in tucauses a (small)
increase in the concentration of A in the bulk cliien (see also Figure 5).

0.8

clc,
- >
o o
N (2}

Figure5. Model BPdot: concentrations of Be (lines) and A (lines and symbols)
for D(Be) = 1000°° m?/s (thin black lines), D¢(B¢) = 1110°® m?s (wide
grey lines). Scalefactor ¢y isthetotal concentration of radicals at t=0.
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The differences in concentrations of A in Figurear® only visible on the scale of the
concentrations of the radicals, i.e. ®L&mol/nT. To demonstrate the difference in
concentrations of A the scale factor applied fer tadical concentrations as also used for A.
When the interface concentration would be appleddale A, the differences shown in
Figure 5 would be too small to notice.

4.2. Influence of radical intermediates on the antcation profiles

The influence of the diffusion coefficient ok Bn the concentration profiles near the gas-
liquid interface has been examined for the BPdatl the 3T- model. All the results for
these simulations are presented in the form of @omation profiles at the end of the contact
time. A comparison of the effects of terminatioactons is made. All model calculations
have been performed with the basic parameter gefirown in Tables 2 and 3 unless
indicated otherwise. For the model BPdot theaBd F concentration profiles for varying
D¢(B*) are shown in Figs. 6 and 7 respectively.

12

1.2
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0.8 4

0.6 4

clc,

0.4

increasing D(Be)

0.2 4§

e e e e

0.0

0.0 0.5 1.0 15 2.0 25

Figure6. Concentration profilesof Be in model BPdot with varying
D¢(Be) between 10107 and 1010°® m?/s.
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The left and right frames are identical profilédse scale of the graph is adapted to show the
details. The concentrations for the radical intefiaies are scaled to the total concentration
of radicals at t=0.
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Figure7. Concentration profiles of Pe in model BPdot with varying
D«(Be) between 10107 and 1010°® m?/s.

From Figure 6 the concentration profiles for Bppear to have two distinct regions: one
where the concentration has been lowered by pufesiin of B to the reaction zone
(X/dnim > 0.4). Secondly, a region near the reaction zohere the concentration ofeB
rapidly has been decreased much more rapidly asudt iof reaction (X%m between 0.3 and
0.35). The reversal of the order of concentratimofiles as function of E{Be) in this region
as compared to &fim, > 0.4 is caused by a small shift in the reactromt. For high values of
the diffusion coefficient of B the position of the maximum reaction rate betwdeand B

is shifted towards the G/L interface, see Figure 8.
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Figure8. Reaction rateprofilefor A + Be - Pe in model BPdot.
Values for D¢(Be) vary between 1010° and 1110® m?/s.

The reaction rate profile of the reaction betweemfd B is nearly identical to the profile of
the reaction rate for A and-Bhown in Figure 8. Also withePa high value for g{Be) shifts
the reaction zone towards the interface hence thecentration of # is lowered in
comparison to the situation with a lower diffusyvdf Be.

The concentration of *Pbuilds up in the direction of the interface agH3) is increased.
Starting at t=0 the reaction front is formed at itmerface and moves deeper into the liquid
as time progresses. Between the G/L interface lamddaction front the concentration of B
is zero, any Pformed cannot react hence all radicals are preseRt. As soon as [fBe) is
higher than [XPe) the concentration ofePis higher than the initial concentration of B
the liquid because radicals from the liquid bullk &mansported in the direction of the G/L
interface due to the higher diffusivity o# Belative to .
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Figures 9 and 10 give the results of the paraliédidations with model 3T. In Figure 9 it is
clear that the concentration o# B lowered with respect to the values obtainedh \wmbdel
BPdot (Figure 6) but for the rest there is not mdigference. The picture of the Profile is
somewhat different however: with the 3T-model theréase in the concentration of iear
the interface is much more suppressed as comparethe BPdot-model where no
termination products are formed.

0.6

clcy

12

1.0 4

0.8 -

0.6 -
0.4 -

0.2 -

clcy

0.0

0.0 05 1.0 15 2.0 25

Figure9. Concentration profiles of Be for model 3T. D¢(Be) is
varied between 110° m%sto 100° m?s.
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Figure 10. Concentration profiles of Pe for model 3T. D (Be) is
varied between 110° m?%/sto 100° m?s.

In model 3T the formation of termination producis/érs the concentrations of botl Bnd
Pe in comparison to model BPdot. For diffusion cogéints of B higher than those ofeP
the concentration ofsPhas a maximum located quite close to the reacmre. Near the
G/L interface there is no formation of Pecause B is zero. The termination reaction
between P radicals reduces the concentration near the aderfThe consumption ot s
compensated via diffusion from the reaction zoneneH? is product. For higher values of
Dc(B¢) the production of Pis increased (comparable to model BPdot, see &iguteading
to higher concentrations o fhear the reaction zone. Comparing Figs. 9 and appears
that B does not build up concentrations in the same vga aAny concentration gradient
of Be building up as a result of reaction is reducedh®ylarge diffusion coefficient of«B

The profiles of B and B are reflected in the termination products. Forakgeaction rate
constants the ratio between the symmetrical termmimaproducts (T and ) varies
depending on the relative diffusion coefficientsloé radical intermediates, see Figure 11.
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Figure 11. Concentration profiles of termination products T, T,and T for
model 3T. D(Be) isvaried between 110° m%sand 1000° m?s.

The mixed termination product,Thas in all cases the lowest concentrations bectngese
regions where both Band R are present in non-zero quantities are very lighite
A maximum in the concentration profile of 1§ observed in the vicinity of the reaction zone
(see Figure 8 for model BPdot) where Bnd B are both present. From this positiop T
diffuses in both directions. For high values o{E») no gradient in the direction of the G/L
interface exists because a high value gB®) lowers the concentrations in the reaction zone
for P (see Figure 10) which in turn lowers the reactite for the formation of oI
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The reaction rate constants of the radicals afgigio that at locations with A or B present,
all radical intermediates are present in one tifjpe radical P only exists in the part of the
liquid where A exists, which is from the G/L intack to the reaction zone. The occurrence
of unequal diffusion coefficients for radicals wihmilar molecular weights is not unlikely.
For example, where<Bhas the option of an exchange reaction with Byaldecal product £
has not:

B + B =—= B + B (32)

The effective diffusion coefficient for«Bcan be higher by the exchange reaction (Ruff and
Friedrich, 1971). In autoxidation reactions raditgdes corresponding to the solvent are
well known, i.e. the benzyl radical in oxidationtofuene and the cyclohexyl radical in the

oxidation of cyclohexane.

5. Design aspects

One of the key parameters for the design of a igasdl reaction system is the absorption
rate of the gaseous component. Estimation of this from other (known) parameters is
often very much desired. To quantify the absorptates, the effect of a number of variables
on calculated enhancement factors is demonstratethé models described in this paper.
The different number of parameters applied in eaodel require additional consideration,

however. One example is the dependency of E ortioeacate constants in the models

BPdot and 3T respectively versus model ABP; whereadel ABP only has a single rate

constant, the model BPdot has two reactions andem®d has six reactions. The next

section is focussed on model BPdot to demonstrateesbasic features without the

complications involved with handling the multipkeactions of model 3T. The enhancement
factor as function of the Hatta numbdr) (is a simple plot for model ABP as shown in

Figure 12. The definition for Hatta for this typkreaction is:

VKi 8o Dy (33)

o=t

The kinetic rate constant ks related to model ABP (not to be confused witl k from
model 3T, Eq. (7)).
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Figure 12. Enhancement factor asfunction of the Hatta number for
model ABP, E=1.657 for high values of Hatta.

For models comprising more than one reaction ofgéeeeous reactant, the definition of the
Hatta number is not straightforward because in ncoraplex reaction schemes reactant A
can be consumed in various ways, e.g. parallesexurtive and combinations of these paths.
For the case of the BPdot-model, two parameterpragosed based on the Hatta number of
a single reaction:

- \/kz (€4 (G5 Dy
kL

o, (34)

- \/k3 m:dot m:B DDA

0, =

(35)

The concentrationgg: is the concentration of initiator @pat t=0. It is easily verified that:

¢:\/¢§+¢§ or kl:(k2+k3)[cdot (36)
The 3D-representation of the enhancement factaulzbd with model BPdot is shown in
Figure 13.
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Figure 13. Enhancement factor asfunction of the parameters ¢, and
¢ of model BPdot, E=1.656 for high valuesof ¢, and ¢.

The representation of the one-dimensional curvih@fenhancement factor for model ABP
can also be transformed to a 3-D view by applicatibEq. (36). For any combination ¢$
and ¢; the Hatta number according to the ABP-model cardleulated with Eg. (36) and
subsequently the enhancement factor for the ABPeinmah be determined (Figure 14).

Figure 14. Enhancement factor for model ABP asfunction of the
parameters ¢, and ¢s.

83



Modelling of mass transfer in combination with realireactions

From the comparison of Figure 13 and 14 it is diyedear that only for a limited number of
combinations ofp, and¢; the enhancement factor of the BPdot-model coirscidigh the
factor calculated for the ABP-model. The relativifedences between model ABP and
BPdot are shown in Figure 15. The deviation of ma¥®P compared to model BPdot is
scaled by the enhancement factor at infinitely higgiction (& ) according to:

A(E) - E(ABP) - E(BPdol) (37)
EA’oo -1

The graph in Figure 15 is slightly rotated compatieethe previous two figures to show the
area for high, and; values more clearly.

Figure 15. Deviation of enhancement factor s as calculated by model ABP
compared to model BPdot asfunction of the parameters ¢, and ¢s.

For the design of a reactor system the areas wherase of the simplified model leads to
good approximations can be easily identified frolguFe 15. The symmetry in Figure 15
suggests that as long as the reaction rates ofattlieal intermediates are more or less
balanced the approximation of a reaction withowénmediates is valid regardless of the
value of the enhancement factor. In the areas wiieeevalues ofp, and ¢3 differ
significantly the radicals in model BPdot existeeffively only in one kind, B or P
depending on which of the two parameters is largethis way the reaction path is blocked
and no enhancement of mass transfer occurs, ed.. Hhe mathematical correlation for the
translation to the ABP-model, Eq. (36), assignsale for k that is still quite large and
therefore an enhancement factor bigger than 1rigete
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Although Eq. (36) has been proposed on basis ofi¢imition for the Hatta number of a
second order reaction, there is no mathematicabreto reject other functions that calculate
ki from k; and k. One example is the function shown in Eq. (38):

=2 %o, (38)

k,+k,

This correlation does not introduce additional paaters but for unequal values ofdnd k
(or ¢ and¢s) the value of kis determined by the smallest value gfok ks. The result for
this transformation resembles the enhancementriaciomodel BPdot (Figure 13) much
closer than in case of the application of Eq. (36)e differences between the model ABP
with the transformation according to Eq. (38) anstliel BPdot is shown in Figure 16.

/
0.2
0.02
0.002/ 0.002

Figure 16. Deviation of enhancement factors as calculated by model ABP with transfer by
Eq. (38) compared to model BPdot as function of the parameters ¢, and ¢s.

Comparing Figs. 15 and 16 it is clear that by tia@glation through Eq. (38) a better match
between model ABP and model BPdot is obtaineddtit@an, the software code for model
ABP does not have to be changed upon applicatidgo{38).

In principle other functions than Eqgs. (36) or (88uld be evaluated and selected on basis of
some user-defined criterion by a trial-and-errobcadure or a systematic approach.
Although the use of mathematical functions like E@6) and (38) demonstrates that two
variables can be reduced to a single parameterarous ways, the connection with a
physical background or explanation is still lacking
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However, when the BPdot-model is simplified through Bodenstein approximation
(Helfferich, 2001a) and the resulting expressiomsevaluated as part of the ABP-model a
combination of mathematics and physical represemtas obtained. The derivation of the
equation is given in Appendix B, the resulting sfam equation is:

k - k2 ERS |]:dot (39)

' k2 l—_0’\A + k3 l—_0’\8

In contrast to Egs. (36) and (38) this function teams the concentrations for A and B
meaning that these concentrations need to be iedludthe calculations. An adaptation in
the model ABP is required as the linearizationhef teaction term, Eq. (23), is not valid for
fractional reaction rate expressions as in Eq..(8®%tead of the generic expression for
power laws presented in Appendix A, the analytdativatives of Eq. (39) can easily be
applied. These derivatives are also included inexplx B. The results for model ABP

transformed by application of Eq. (39) are neadigntical to the exact solution (calculated
with model BPdot), see Figure 17. The small scattehe graph is mainly caused by the
numerical precision because by reducing the pi@tisiis scatter is significantly increased.

Figure 17. Deviation of enhancement factors as calculated by model ABP with transfer by
Eq. (39) compared to model BPdot as function of the parameters ¢, and ¢s.

Previous examples have demonstrated that complelelsican be translated to more simple
model versions by application of functions thatretate the parameters of the different
model versions. The number of functions is in gptecunlimited.
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The form of the function and the inclusion of additl parameters determine the quality of
the results of the simplified model in comparisortiie complex model as well as the effort
that has to be delivered to obtain the simplifieobied results.

A simplified model should meet the requirements $orspecific job like for example
incorporation in a CFD application or for the puspaf a process control study. Assuming
that a complex model (derived from fundamental @ples) is available and the
requirements for the simplified model are knowrs ipossible to assign a very simple model
as basic version. Then, by application of a nundédransfer functions alternatives of the
basic version can be evaluated very easily.

Whether the availability of a complex model is edse for the proposed procedure is not
clear yet. When the complex model can be replagetbbexample discrete observations
from experiments, this procedure can also be geeii determine a suitable simple model
directly from experimental observations.

The study of the models ABP and BPdot is of coarsery simplified exercise compared to

most of the radical reaction networks known frotariture. The complexity of the analysis
rapidly increases with the number of components,asulong as the translation of process
parameters in the complex reaction system towandgliied models can be performed by

means of comparing observable responses, suchr &dmple enhancement factors, is it
possible to obtain a validated, fit-for-purpose @ifred model.

Model 3T has been left out of the analysis of #estion because the complexity of this
model is not increased in terms of the intermediaie reaction pathways. Instead, the
number of non-radical by-products is increased Wwhiequires the ABP-model to be
extended with reactions leading to those by-praduthis would give an example where
both the complex and simple model contain moreawdes, increased number of parameters
and possible combinations, but the principles efttansfer functions are quite similar to the
exercise with the BPdot and ABP-models.

0. Conclusions

The calculation of enhancement factors appliethéndesign of a G/L reaction system can be
performed with simplified models where the reactiméermediates do not occur in the

expressions for the reaction rates. The optimumehfmat a specific design purpose can be
found by tuning the function that correlates theapzeters of the complex model to the

reduced number of parameters of the simplified rhode
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Depending on the choice of the form of the traniection a large number of alternatives
can be evaluated very easily. With transfer fumgismvolving not only parameters but also
process variables more effort in adaptations otifavare routines in the model is required,
but the agreement with the exact solution can dpaifszantly improved.

The diffusion coefficients of radical intermediatesve significant influence on the profiles
of concentrations and reaction rates near the @#érface. For fast reactions, all reactions
take place in a small region that shifts away ftbeG/L interface as the time of the contact
increases. In the snapshots of the results obtaheke end of the specific contact times
shifts in position and value occur, the directiatepend on the ratios of the diffusion
coefficients of the radicals. With the model BPdatreasing the diffusion coefficient of
solvent radical (B) reduces the concentration of Bear the reaction front while at the same
time shifting the B profile in the direction of the G/L interface. the region between the
G/L interface and the reaction front the concerdradf the product radical ¢l builds up to
higher values than the initial radical concentmatb the start. These effects also occur when
the formation of termination products is also imtdd, but the extend is reduced.

It is shown that for very fast reactions differemicen diffusion coefficients of the
intermediates can cause shifts in the by-produchdtion in other ways than often assumed
(Helfferich, 2001b). The example for model 3T shaWwat the mixed termination product
(T») from two radical intermediatessBand P is only formed in low quantities because the
two radicals do not occur in high concentratiomsudianeously. In case the concentration of
the gaseous reactant is gradually reduced, thelleb&i no gradual shift in observed
termination product from iT(coupling of 2 B) via T, to Tz (formed out of 2 P). Instead, by
lowering the interfacial concentration of the gaseceactant the reaction front will move in
the direction of the G/L interface and thereforeren®, will be formed at the cost ofsTThe
concentration of T will remain at lower levels than the other twont@ration products all
the time.

The numerical study of reaction mechanisms compiseactive intermediates and fast
reactions is very helpful in gaining insight in exdfs that are difficult to study
experimentally. This study has shown that systenith wadical intermediates can be
simplified to models where the intermediates ardttech There is no reason that this
methodology should be restricted to radical reastid he extension to other systems as well
the application on more complex systems than pteden this study is subject for future
evaluations.
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Nomenclature

Notation

a,b
C,c
Cdot, Co
D, D¢

stoichiometric coefficients
concentration

concentration radical species at t=0
diffusion coefficient

enhancement factor

enhancement factor at infinitely fast reaction
transformation functions

flow across gas-liquid interface
reaction rate constant

gas side mass tranfer coefficient
liquid side mass transfer coefficient
solubility coefficient defined asigida/Cgas

constant for curvature in x-variable transformdiion

reaction rate

transformed time variable
time variable

distance variable

transformed distance variable

constant defined in Eq (1)
exponent: component i in reaction j
penetration depth

location of maximum reaction rate
Hatta number

constants derived frofn

stoichiometric constant: component i in reaction j

contact time

kmol/m®
kmdl/m
s

kmoffs

L or m/kmol/s
m/s
m/s

kmol/m’/s
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Sub- and superscripts

bulk

reference
liquid bulk

gas, liquid phase

n time count finite difference equations
distance count finite difference equations
p.q any component or reaction
Abbreviations
A gas phase reactant
B liquid phase reactant
Be radical derived from B
In deactivated radical initiator
Ine radical initiator
P liquid phase product
Pe radical derived from P
Ty termination product formed out of reaction betw2e»
T, termination product formed out of reaction betwBerand P
T3 termination product formed out of reaction betw2dn
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Appendix A. Linearization of thereaction term by a Taylor series
expansion around C’;

In these equations the subscript j is for the feaghdices and subscript i is for components,
they are replaced by p and g where appropriate.

Linearization of EQ. (21)

comp comp

Rﬁk[” pl+z -c;)

com . P
Ea—"=kDI'I°()““mpJC)

g=Lg#p

(A1)

Ple

Subsituted in Eq. (22)

p=1l |g= 1Q¢p

Defining and simplification of the constant R-terms

R°°”St—§acv K, [mep —comp wmp(C' fe A3
i - i,j |_l DJ EIq_:| q ( )

=

reac comp :| comp

const — BPJ
Ri t‘Z"i,jm 1= ZBPJ [rl( ) (A4)
=1
Terms of R dependent on concentrations:

reac comp| comp Po.i
RWme@{m)Mmc)@} (A5)

R =3 R, (o) (A6)
R O)=2v, & B, oo e e (A7)

g=Lg#p

Egs. (A4) and (A5) subsituted in Eq. (A2)

reac comp comp comp| reac comp
Ri:;vi,jmjfﬁl-;rsp,j}qﬂ( )B"'+Zl{2v.,ﬂk EI‘] B“E@} (A8)
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Appendix B. Bodenstein approximation for model BPdot

Assumption 1: the rate of formation and disappesea B are approximately equal:

R,=R,

k,[c, [Cg. =K;lC, [Cp, (B1)
Assumption 2: the total radical concentration isstant and equal to the initial initiator
concentration:

Cg. +Cp. =Cyor (B2)

Rearrangement of Eq. (B1) and substitute in Eq) (B2
Cc

Cp =— % — (B3)
° 1+ k2 I-_G'kA
k3 |ﬁB
Eq. (B3) is substituted in the expression fer R
R, :M@A (¢, (B4)
k2 |ﬂA + k3 |ﬂB

The corresponding expression for model ABP is:

R, =k, [c, [cg (BS)
Reaction rates for the components are

R, =v, [R,

vi=-1 fori=AorB

v,=1 fori=P (B6)

The partial derivatives are defined by:
oR; -V d<2 [Rs (€40 [C5 [sz [C, +k3 mB)_kg [Rs (€4 [C4 (B

! B7
o, (ko i, 2, ) .
aRi =v. d<2 [RS |]:dot Ij:A [sz |]:A + kS Ij:B)_kz [kg |ﬁdot |]:A |]:B (B8)
aCB I (k2 |ﬁA +k3 III:B )2
R _o (B9)
0C,
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Modelling of mass transfer in combination
with a homogeneous catalysed reaction
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Modelling of mass transfer in combination with artageneous catalysed reaction

Abstract

The mass transfer rates of a gaseous reactan ilqaid where the reactions are catalysed
by homogeneous catalysts have been evaluated hyutherical solution of the diffusion-
reaction equations according to Higbie's penetnatieeory. The concentration profiles as
well as enhancement factors are discussed as danctithe kinetic rate constants and the
diffusion coefficients of the catalytic intermediat In addition to the complex catalytic
model two simplified models were applied in orderfacilitate design calculations. One
version was obtained by application of the Bodensag@proximation, the simplest version
comprised only the stoichiometric reaction. The &uwtein model provides a very good
approximation except for deviating diffusion coeiiints of the catalytic intermediates. The
applicability of the stoichiometric model is not\agle as with the Bodenstein model but for
some conditions acceptable approximations are aetlie
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1. Introduction

Homogeneous catalysis is broadly applied in proeedastry and extensively studied in

academia. Although the mechanisms of a very laigeber of homogeneously catalysed
systems are quite thoroughly known, for only a tedi number of systems exact kinetic
expressions and well validated kinetic parameterslatermined. The reason is not a lack of
industrial relevance but the exact quantificatibm @ingle reaction in an extensive network
is extremely difficult. A complete description ofcatalytic network requires the precise
determination of all concerned reactions.

The work of Halpern et al. (1973; 1976; 1981) cordane of the few examples where the
detailed kinetics of a homogeneously catalysedesysbhas been elucidated. A series of
papers describing the rhodium catalysed hydrogemably means of combination of
analytical techniques and kinetic experiments iy \adten cited in textbooks. The scheme
presented in Figure 1 has been adapted from Hal(i@81). In this publication a summary
is given of two earlier papers where kinetic dataengesented (Halpern and Wong, 1973;
Halpern et al., 1976).
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Figurel. Part of the catalytic cycle of arhodium catalysed hydrogenation. The upper right part
indicatesthereaction rate constants that have been quantitatively identified. P indicates PPhs.
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The reaction rates in Figure 1 are expressed &tofider in the specific catalyst intermediate
and first order in reactant where appropriate respay. The kinetic constants in the rate
expressions have been determined from measureniérgstate constants in Figure 1 are
partly derived from spectrally determined equilibn constants, therefore in case af &
minimum is given rather than an exactly measureldevaAn overview of kinetics and
mechanisms in other hydrogenation systems is glwerSanchez-Delgado and Rosales
(2000). Most often, however, the kinetic rate espiens are determined for the overall
reactions.

Outside the field of homogeneous catalysis withciongs metals other examples are
available where the kinetics of the individual te@c steps have been studied in detail. In
the catalytic cycle of iron chelate complexes nitrand sulphur oxides are absorbed in
water, NO is reduced and the produced sulphitexidized (Zang and van Eldik, 1989).
Main products are a series of nitrogen and sulpbataining components (Figure 2).

S0,2 Fe'l(L) NO
fast
slow

Fell(L)SO, Fe(L)NO

S0,>
fast slow
1]
S0, Fell(L) N-S components

Figure2. Main catalytic cycle of simultaneous absor ption and reaction of nitrous
and sulphur oxides. Theligand L isa chelating component like EDTA.

The differences in reaction rates indicated witbwslor fast in Figure 2 are orders of
magnitude. The second order rate constant of éetice of NO with FE(EDTA) is higher
than 610" I/mol/s whereas the reduction of 'REDTA) by sulphite proceeds much slower.
Given a first order reaction rate constant @02 s' as observed for 0.05 mol/l sulphite
solution the derived (pseudo) second order ratestaonh is equivalent toB0* I/mol/s,
indicating a difference of ®with the former reaction.

Despite the occurrence of very fast reactions Intem for the majority of homogeneously
catalysed reactions described in literature thee@spof mass transfer and mass transfer
limitations are only briefly addressed.
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Very frequently reaction conditions are chosenunhsa way that limitations are avoided
(Cavalieri dOro et al., 1980). In some occasiohs, mass transfer rates of the gaseous
components are taken into account by applicatiamass transfer coefficients (Kelkar et al.,
2001). The influence of mass transfer on the stalaf a hydroformylation reactor has been
investigated by van Elk et al. (2001). The kinetiodel applied in this study was an overall
empirical rate expression. The calculation of thte rof mass transfer in the absorption of
gases followed by (complex) chemical reactionsne of the key issues in the design and
scale-up of gas-liquid reactors. In textbooks a#i @& in practice the simplification of a
reaction network to a single first-order irrevelsilveaction is often applied giving the
advantage of simple concepts of Hatta number ahdresement factor. A great number of
researchers have extended the analytical solutimn®ther than first order irreversible
reactions. The spectrum of reactive systems inslgitegle and multiple reactions (parallel
and in-series), irreversible as well as reversibdactions, auto catalytic reactions.
A comprehensive overview on the literature on mtaasfer accompanied by complex
chemical reactions can be found in a paper by waaa$ and Versteeg (1992). An early
numerical study on homogeneously catalysed gagdligactions in combination with mass
transfer effects is presented by Ponzi and Lem@$81). They studied a reaction system
comprising absorption of two gases; one gaseoustamaand one component for the
regeneration of the catalyst as is applied in i@maple the production of acetaldehyde from
ethene (Wacker process).

There are a number of reasons to study the conibamatf homogeneously catalysed
reactions in the mass transfer limited regime. Adustrial conditions in reactors often
deviate from laboratory experimental set-ups itikely that in plant reactors conditions
occur where mass transfer limitations or enhancémémass transfer through reaction
influence the performance of the reactor. In additmass transfer limitations are often
difficult to separate from "ordinary" kinetic obsations. It is therefore very well possible
that in a number of laboratory scale reactors nrasssfer limitations have been left out of
consideration. Starting with the assumption that tleactions concerning the gaseous
reactant can be in principle very fast, a generthd to incorporate the transport equations
with the elementary reactions would be very help@ihce a fundamental model has been
established, it is interesting to determine theddtoms for which a simplified model gives
results very close to the fundamental model. Thepkiied model is useful in for example
design studies, plant simulations and for controbpses. This approach has been recently
exercised in a diffusion-reaction system involvingdical intermediates (Hoorn and
Versteeg, 2005).
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2. Mass transfer and reaction model

Three models are considered in this paper. All fsodemprise A as a gaseous component
from the gas phase transferring to the liquid asatcting with B to form product P. The
models differ in the reaction pathways and thesioagtion with a reaction rate expression.

2.1. Model ABP

This is the stoichiometric model for the reactiorB — P. The Hatta number for this type
of reaction is defined by:

¢:Vk1|ﬁBDDA

K, (1)

2.2. Model HC

This model is a representation of the reaction gedag through homogeneous catalysis in
which a minimum of catalyst intermediates is inwayv The reactions and notation are
indicated in Figure 3 along with the expressiondlie reaction rates.

A 3 B —_— P

A
P X
0
Kk, B
= A+ Xy — X Ri=ki[Ep By,
R, Rs ! K,
B + X, ——» X, Ry =k, g [Ey
X
X, R !

X, —» X, + P R3 =kj3 [y,
~_ 7 k,
V\_,‘/\ X, —— X, + B Ry =k, By,
R K
2 B X, —— X, + A Rs =ks [Ey,

Figure3. Componentsand reactionsin the model HC.

The catalyst complexes in the reactions are noyed; bvhere i=0 to 2. The index zero is to
identify the stable catalyst configuration being ttominant species in the bulk of the liquid.
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Although the reaction cycle shown in Figure 3 colsgs several equilibria the overall
sequence reflects essentially an irreversible i@adtor the reversible reactions between X
and X and between Xand X the following equilibrium constants are defined:

k Cx,
Ko TC, E,
5 Cx0 A
k c
Koy = 552 2
4 CxlmB

2.3. Model Bo

Assuming a single reaction as in model ABP thetreacate expression is derived from the
HC-model by a Bodenstein approximation in ordeeliminate the concentrations of the
catalytic intermediates. There are many options asslmptions to arrive at simplified
expressions (Helfferich, 2001), here the choice lbeesn made to assume quasi-stationary
behaviour of the catalytic intermediates. Reducbbthe network in Figure 3 to the single
reaction A + B P gives the reaction rate expression:

kot o
kSmk3+k4)
R=—p K, (K K K 3)
1+, +— 23 (Mg, +— > 2 [, (@,
k5 kSmk3+k4) kSmk3+k4)

The total catalyst concentratiog@s assumed to be constant, the naming of the @otssin
this equation is identical to the constants in FegsL

2.4.  Absorption model

To reduce the number of variables studied in thevipusly defined models a number of
assumptions have been made:

» diffusion is described by Fick's laws; there arecanvective contributions in the liquid
phase to mass transport,

» the solventis inert,

» the temperature is constant; heat effects of r@as@nd absorption are not included,

» the density of the liquid is constant,

* mass transfer resistance in the gas phase is imglig
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For the description of mass transfer the penetrati@ory according to Higbie is applied.
The disadvantage of more complicated numericalutations in the penetration theory in
comparison to the film theory is compensated by emphysically realistic descriptions
(Versteeg et al., 1987). In the penetration thetbey equation for a single diffusing and
reacting component (i) is given by:

% =D, é?;% +R, (4)

Initial condition: t=0andx®0 G = G.pulk (5)
Boundary conditions: t > 0 and xo= G = Gbulk (6)
t>0andx=0 Jigas = Jiliquid (7)

The second boundary condition states that thedfuwsomponent i in the gas phase is equal
to the flux in the liquid phase. All concentratiprofiles and derived properties are evaluated
at the end of the contact time,. The contact time for absorption according to the
penetration model is related to the liquid masssiex coefficient and the diffusion
coefficient of component A:

D
T =43—A (8)
ik’

For displaying concentration profiles in a more \cament way a scaling factor is applied.

According to the penetration model of Higbie, th@uson for a non-reacting diffusion
system is given by Westerterp et al. (1990):

_ _ X
Ca (X, 1)=C,; [%1 erf[—zmﬂ (9)
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Given some time t, the value of x for which theoeriunction is close enough to unity to
reduce the concentration of A to zero is not pedgisletermined. The value for which the
error function is close to 0.99 is the square wfatt and (by takingr, for t) a very simple
expression is obtained for the scaling factor argpeation depthdy:

0
p =Jn (20)
2/D, O,
Substitution of Eq. (8) for, gives:
5, —aPa (11)
kL
A method presented by Cornelisse et al. (1980p@ied to solve the system of coupled
non-linear parabolic partial differential equatiofifiis approach is based on a three-point
backward scheme for finite-differencing originaflyoposed by Baker and Oliphant (1960).
For an efficient use of grid point allocation, tsformation of both the time and spatial

variables has been applied (Versteeg et al.,1988}her details on the implementation of
the numerical methods can be found in Hoorn andgtéeg (2005).

The boundary conditions at x=are approximated by extending the grid to a déptthe
liquid sufficiently larger than the penetration tieps defined by Eq. (11). Taking the range
of the depth in the liquid as 5 times the penairatiepth is assumed to be sufficient. This
assumption is checked for each model calculatiom$§yection of the gradients near x5
The gas phase concentration is constant for a cop&iodte therefore the enhancement
factor is calculated according to:

[-prf°

o dX

E= 3
kL 5 [tb(xzo _Cbulk)

The gradient at x=0 is calculated from the numérresults for the concentrations at

dt
x=0

(12)

different grid points. The integral from O t is approximated by the summation of the
gradients over all time steps (trapezium rule).

103



Modelling of mass transfer in combination with artageneous catalysed reaction

The reaction rate constants and diffusion coeffiisdhave been varied. Where not indicated
otherwise, a default value for reaction rate camsthas been applied at% 10 m*/kmol/s
(i=1,2) or k = 10 s* (i=3,4 or 5). All diffusion coefficients have begjiven values of
110° m?s. Other parameter values have been kept cortstérep the number of variations
within reasonable proportions. The gas phase coratems and gas-liquid partition
coefficients were kept constant as well as theidigphase concentrations at t=0 and in the
liquid bulk. All mass transfer coefficients werepkeonstant as well. Forgkhe value was
chosen sufficiently high to eliminate gas film stéances (e.g. 100 m/s). The liquid side mass
transfer coefficient khas been fixed atfB0°® m/s as a typical value for gas-liquid reactors.
All default input parameters are listed in Tabl&he number of spatial grid points has been
set to 800 for all simulations. The number of grants for the time coordinates was set to
600.

Table 1. Default parameter valuesfor model simulations.

Model Gas phase Liquid phase  Solubility
Component . . -
concentration concentration coefficient

Cy (kmol/in?)  C (kmol/n7) mgl (-)

ABP, Bo A 1 10% 3
B 10 2 1d¢°
P 10% 10 10%°
HC A 1 10% 3
B 10 2 1d¢°
P 10% 100 10%°
Xo 10%° 0.0001 1¢°
X4 1040 1040 107
X5 100 100 10%°

For displaying convenient values in graphs the eatrations are scaled. Components B and
P are scaled by the initial concentration of B, wlas A is scaled with equilibrium interface
concentration of A (all indicated withy)c The catalytic intermediates are scaled by tha to
catalyst concentrationdor G ).
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3. Results simulations

3.1. Irreversible reaction system

3.1.1. Influences of rate constants

When the reaction rate constants of reactions 45aindthe HC-model are kept sufficiently
small, i.e. k= 10° s?, the reaction cycle shown in Figure 3 can be @egias irreversible.
The calculated enhancement factor as function;ofvikile k; and k have been fixed to
values of 18 is shown in Figure 4. The results obtained by iappibn of the ABP-model is
also plotted in Figure 4. The enhancement factanfaditely fast reaction is for both models
equal to 40.8.

45
40 1

model ABP

35 - k,
—>

20 | A+B P

25 1

201 model HC

15 1 1
A+X, —> X,
10 1

5

0 : : : ‘ ‘ ‘
1E-02  1E+00  1E+02  1E+04  1E+06  1E+08  1E+10  1E+12
k
1
_ >

Figure4. Enhancement factor asfunction of therate constant for model HC and model ABP.

The shift in the curves in the direction of fior model HC versus model ABP in Figure 4
corresponds to the concentration of the initiahltaatalytic intermediate concentration, e.g.
ki(ABP) = G oK1 (HC). A few number of concentration profiles copesding to points in
Figure 4 for the HC-model are given in Figure 5.
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Figure5. Concentration profiles at the end of the contact time 1, for different values of k;.

Already at low values forikthe absorption of A is enhanced but there ismath effect on
the profiles of B and P (Figure 5a). ConcentratiaisB are non-zero throughout the
penetration depth and the concentration gradiemt® fare quite small. All catalytic species
are in the form of X When A diffuses into the liquid it reacts with ¥ form X;, but as the
succeeding reactions are (much) fastersformed very quickly again out of;Xiia X, (not
present in significant amounts). Upon increasing tlalue to k = 10 m*kmol/s the
concentration of B near the interface is graduaiduced and the concentration of P
increases (Figure 5b). The ratios between the ytatahtermediates remain unaffected.
Increasing k by another factor of 10 the enhancement factoAfapproaches the value for
infinitely fast reaction; 39.0 compared to 40.8.ths situation the concentration of B near
the interface is practically zero and » the dominant catalytic intermediate in thisioeg
(Figure 5c¢).
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The intermediate Xis still only present in very low concentratiorls tarough the liquid
because the reaction tg ¥emains very fast (high value fog)kFor values of khigher than
10 m¥kmol/s the profiles do not change a lot, the exkarent factor increases gradually
with k; to the limit value of 40.8.

Given the values in Figure 5 and varyingitstead of k (k; fixed at 18° m¥kmol/s) the
results are comparable to those in Figure 5. Tlmramrement factor at high reaction rate is
almost identical: 40.7. The profiles for A, B andchfe similar and the concentrations of X
are also low. The ratio between Xnd X is different, however (Figure 6).

1.2 4

a) k,= 105 m¥kmol/s 27

E=15.0
a
5 )
=]
0.2 A
04
124
14
b) k,=106m¥kmolls &
o
E =309 b)

clc,

c)

C) k, =107 m3kmol/s
E=39.2

x/d

Figure6. Concentration profilesat the end of the contact time 1, for different values of k.

In Figure 6 it is clear that with albkvalues two regions in the penetration area arsepite
with different intermediates as the dominant specie
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As kyincreases the front between 2nd X does not change in shape but the position in the
liquid is shifted towards the G/L interface (Figsiga and 6b). Because of the high value for
ks, the intermediate Xis rapidly converted to g¢and therefore concentrations of &re low
throughout the liquid. In the area where A diffug@e the liquid X reacts with A to form

X1, hence X is the dominant reactive intermediate near therfate. The bulk of the liquid
contains only X so there has to be a location where the ratidheftivo intermediates is
inverted. By increasing;khe reaction rate towards, Xvia Xy) is increased thereby shifting
the concentration profiles of A as well agtd§wards the interface.

The concentration of Xcan have noticeable values whenskvaried and kand k are kept
constant at 18 m*/kmol/s, see Figure 7. The maximum attainable ecéaent factor at
high reaction rate is also 40.7.
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Figure7. Concentration profiles at the end of the contact time 1, for different values of k.
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In Figure 7a (low values ofskthe dominant intermediates arg a&nhd X% since by the high
value of k X; reacts very fast to Xwhile the concentration of B is sufficiently higRor

high values of kthe concentration of Xbecomes low because the conversion it Xo

is increased while the formation of ¥6 decreased because the concentration of B ixeed

at the same time (Figure 7c). For intermediate esalaf k the circle is more balanced
leading to the occurrence of all the three interiated (Figure 7b). The flux of A as function
of k3 as shown in Figure 8 is similar in shape to thieaseement factor (Figure 4). This is
expected from EqQ. (12) since kndAc have equal values in calculating the enhancement
factor and the flux.
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Figure8. Flux of A acrossthe G/L interface asfunction of ks.

3.1.2. Influence of diffusion

The shape of the catalytic intermediate profileafiscted by differences in diffusivity of the
intermediates. A number of case studies with vayyifusion coefficients were evaluated
on basis of a single set of kinetic parametersk{k= 10" m*kmol/s, lk = 10° s,
ka,ks = 107 s%). In Figure 9 the concentration profiles for thesrmediates are shown where
the diffusion coefficients of three intermediates/é been alternating set to a lower value
while keeping the others at default.

109



Modelling of mass transfer in combination with artageneous catalysed reaction

1.2 4 1.4 4
1 X5 1.2
XA Xo 1
o081y
1
\ 0.8 Xo
064
1 0.6
0.4 - i
a) 0.4 1 b)
0.2 - 0.2 X2
0- o 0 J_ -
° °
Q 3]
o 9 - 34
8 |
2.5
. X
1
2
6 4 ' 2
© X, q
54 . C
B ) " )
\ Xy X,
34, e ,
.
24 . '
0.5 - '
1 L X2 ><0
0’ A-_'\A‘ T T T - T 0 X e -
0 0.05 0.1 0.15 0.2 0.25 0.3 0 0.05 0.1 0.15 0.2 0.25 0.3
x/t')p x/6p
—_— —_—

Figure9. Concentration profilesat the end of the contact time 1, with varying diffusion coefficients;
a) default; b) Dy(Xo) = 10° m?%s; ¢) D(X4) = 10° m?s; d) D4(X,) = 10 m?s.

Note that the scaling of the g/axis in Figure 9 are not equal to the precedirgufés. The
catalytic intermediate with the lowest diffusionetiicient locally builds up a concentration
that is higher than the initial total concentratmfrcatalyst. The shifts in the positions of the
switches between the catalytic intermediates sugtes also in the enhancement factors
differences might occur. For the default case dbagewith Dy(X1) = 10™° nf/s (Figures 9a
and 9c) the enhancement factor is equal to 35.&h (X)) = 10*° m%s the enhancement
factor is significantly lowered to E = 15.1. In ¢mst, the lowering of BX5) to 10 m?s
results in an increase in the enhancement factd to 40.0. The observation that with
D«(X1) = 10™° m?/s (Figure 9c) the enhancement factor is identizahe default case is not
surprising since Xas dominant species near the G/L interface isrvoived in the reaction
with A. The decrease in E with {Xo) = 10'° m?%s is caused by the reduction in
concentration near the G/L interface (Figure 9lie Thtermediates Xand X% diffuse in the
direction of the bulk of the liquid, at the poinhere A diminishes to zero the reaction cycle
stops at X and since this intermediate has the lowest dibffusioefficient the diffusion rate
of Xo in the direction of the G/L interface is much skmathan the supply of X in the form
of X; and %. The slight increase in the enhancement factoage of (X>) to 10™° m%s is
more difficult to address (Figure 9d).
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Probably the increase in concentration ip iX suitably located between;at the G/L
interface and Xin the liquid bulk thereby increasing the overahcentration of catalyst in
the region where A penetrates into the liquid.He alternate situation where the values for
diffusion coefficients are chosen higher insteadlafer the effects appear to be quite
similar to those shown in Figure 9 but in the dstdifferences exist, see Figure 10.
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Figure 10. Concentration profiles at the end of the contact time 1, with varying diffusion coefficients;
a) default; b) D(Xo) = 108 m?/s; ¢) D(X1) = 10° m%s; d) D(X) = 108 m?s.

In case AXo) = 10° m?/s (Figure 10b) the diffusion of Xin the direction of the G/L
interface is larger than the diffusion of dnd X% in the opposite direction, therefore the
concentrations of the latter two intermediates ia@eased. The enhancement factor is
increased with respect to the default case (E 2 ¥ésus 35.8). The profile in Figure 10c is
a result of the high diffusivity of X near the interface the concentration @fiXlowered by
the diffusion in the direction of the liquid bulkhis diffusion is not balanced byp»and %.
However, the enhancement factor is hardly effeddgdthe changes in profile. The
explanation is identical to the discussion withufeg9c: since Xas dominant species near
the G/L interface is not involved in the reactitime enhancement of the absorption of A is
not affected. The enhancement factor for the mefih Figure 9d is significantly lower at
E = 13.5.
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Figure 10d (X(X2) = 10® m?/s) is quite similar to Figure 9b ([Xo) = 10%° m%s). While in
both simulations the concentrations of X the liquid are close to zero, the rate of the
catalytic cycle is determined only by,>Xand X and apparently in this situation the ratio
between the diffusion coefficients is more impottidran the absolute values.

3.1.3. Simplification

Frequently, reaction rate expressions for homogeneatalysed systems are simplified by
inclusion of the catalyst concentration in the ratmstant. As illustration of this method
Figure 11 shows the enhancement factors calculayethe HC-model in comparison to
model ABP with application of the transformatiof(ABP) = G cKi1(HC), as was already
mentioned with Figure 4.
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Figure 11. Enhancement factorsfor model HC compared to model ABP with correlation for k; by means
of catalyst concentration. Symbolsrefer to ssmulations shown in: Figure 5 (o); Figure 6 (0);
Figure7 (A); Figure9 (x); Figure 10 (x).

Figure 11 clearly shows that only for a limited rhen of system parameters the
simplification on the catalyst concentration letmlsicceptable estimations of the absorption
rate.
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3.1.4. Conclusion concerning irreversible reactions

In a complete irreversible catalytic cycle the adan of reaction rate constants determines
the concentrations of all components including tealytic intermediates. With the
concentration profiles the enhancement of the gitieor can be explained. In addition to the
kinetics also differences in the diffusivity of tlatalytic intermediates can be involved.
Simplification of systems of homogeneously catadyseactions with mass transfer by
means of incorporation of the catalyst concentnatido the reaction rate constant could
easily result in the prediction of erroneous absonprates.

3.2. Effect of reversibility

3.2.1. Influences of rate constants

It is well known from literature that reversibiligf reactions has a significant effect on the
mass transfer rate of an absorbing reactant (Magset al., 1989). To study this effect
quantitatively the simulations for the HC-model wédg was varied (results shown in
Figure 7) were carried out with several valueskfoand k, see Figure 12. The rate constants
k; and k were fixed at 18 m¥kmol/s and k and k were translated to the corresponding
equilibrium constants. In addition, the profilestbé catalytic intermediates for a selected
value of k (where the differences in E are maximum) are shiomFigure 13.
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Figure 12. Enhancement factor asfunction of therate constant for thereaction X, - Xy +P
for various equilibrium constants.
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As is observed from Figure 12 for values af End K4 between 100 and ¥m®/kmol, the
calculated enhancement factor is not affected. Wewedecreasing the equilibrium values
below 100 nYkmol significant changes in the simulated valuéshe enhancement factor
occur. Therefore, in line with previous publishesults (Versteeg et al., 1989), it can be
concluded that lower values of the equilibrium dans result in a reduction of the
enhancement factor. In Figures 13a and 13d theecration profiles of the intermediate
components are given for the irreversible (13a)thedeversible case (13d) respectively.

1.2 4 1.2
X
14-a1 14
.I X X XO
084 /72 0 0.8
1
1
0.6 | / 0.6+, Xy
N
N
AN
0.4 - 0.4 K
b X
0.2 1 a) 1012 0.2 N 2 b) 100
N
AN
. 0 u ED O —
o )
S| 12 1.2
1 1
X
0
0.8 | Xo 0.8 1
0.6 | 0.6 1
0.4 0.4 4
X, c) 10 d) 1
024 X 0.2 4
P X
. o2 X
0 _— 0 ——
0 0.05 0.1 0.15 0.2 0.25 0.3 0 0.05 0.1 0.15 0.2 0.25 0.3
></6p x/2'>p
—_— _—

Figure 13. Concentration profilesfor ks = 10° m¥kmol/s with varying values of K5 and K », asindicated.

Figure 13a is identical to Figure 7e and so theesponding profiles for A, B and P could be
found in Figure 7b. These profiles only change gadlg when ks and K4 are decreased
from 10 to 100. The position of the maximum in the conaitn of X% does not vary
either for these simulations. However, it can bensi Figure 7b that the profiles are less
steep and that the specieg, X; and X are occurring simultaneously over a wide range.
Figure 13d is the representation of two fast ralergeaction sequences followed by &
the rate-determining step.
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The shifting of enhancement factors withds shown in Figure 12 also occurs with other
reaction rate constants. In the following examglgsks and k have been fixed at various
values as to keep the equilibrium betweant>X8 and X% constant. In Figure 14:kks and Ig

are set to 19 creating a very fast equilibrium between X B and % and a fast reaction
from X, to X;. The variation in kranges from 10to 13" In Figure 14 the enhancement
factor is shown as function of.k
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Figure 14. Enhancement factor asfunction of therate constant for thereaction Xo+ A - X, for various
values of ks (indicated near thelines; ko, ks and k, are equal to 10™).

The shape of the enhancement curves is similaad@eobservations, i.e. Figures 4 and 12.
Starting with k = 10 s* and increasing it is observed that the value efdhhancement
factor becomes smaller at identical valuesofTkis is no surprise as an increase in the rate
of Rs has to be compensated by a higher rate faioRnaintain the equilibrium. For values
of ks lower than 18 s* there is no shift in the enhancement factors,his tegime the
pathway towards Xis faster via X (reaction R and R) since the profiles for the
concentration of B do not vary much as functionkef The equilibrium constant of the
reaction between gand X can be expressed as the ratio pakd k and from Figure 14 it
is concluded that Eis independent of the value of the equilibrium stant. This is in
contrast to the findings of the reversible system B - P where the Eis a function of the
equilibrium constant (Versteeg et al., 1989). Theyan difference between the
straightforward reversible system and the reactafinmodel HC is that in the latter system
one reaction is irreversible, therefore the cai@lgycle is not fully reversible and can not be
represented by a single equilibrium from which dagalytic intermediates are eliminated.
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Since Figure 14 suggests that the effect of thaevaf k is also related to the size of the
other rate constants, the simulation was repeatethf ks and k equal to 18 Results are
shown in Figure 15.
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Figure 15. Enhancement factor asfunction of therate constant for thereaction Xo+ A - X, for various
values of k5 (kz,k3,k4 = 106)

Comparing Figures 14 and 15, the reductionJjnsEmmediately clear: the value is reduced
from 40.8 to 23.1. Secondly, the distinction betwdew and high values forskhas
disappeared from Figure 15 (it has been shiftddwer values than £ When the pathway
from X; to Xp via Xz is much slower than with Figure 14, the directtiean by means of R

is the dominant pathway for the conversion aft¥ X, hence any increase i kan be
compensated by a similar increase in khe explanation for the reduction in, B less
straightforward. Apart from the rate of the equililn between X and % (R, and R) the
only difference between the simulations in Figufes and 15 is the constang. kTo
demonstrate the influence of; kmore clearly, the results of a simulation with
ks = 10° m¥kmol/s are given in Figure 16. By increasing to 10° the E, is larger
compared to Figure 15 (wherg k 1¢) but still not to the original level indicated by
Figure 14.

The influence of the values ot land lg is demonstrated by Figure 17 where calculated
values for E as function of kk, are given. The reaction rate constantamd k have been
fixed at 18* and 16 respectively to ensure that the asymptotic salutibE. is reached (this
has been verified by comparison of the result for=k10'% in none of the parameter
combinations the enhancement factor differed byentioan 0.05%).
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Figure 16. Enhancement factor asfunction of therate constant for thereaction Xo+ A - X for various
values of k5 (kz,k4 = 106, k3 = 1010)
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Figure 17. Enhancement factor at infinitely fast reaction for Xq+ A - X, asafunction therate of the
equilibrium of R, and R,.

Figure 17 is presenting different information comguh to the preceding Figures. In
Figure 17 the influence of rate constants gni€elucidated. The values of &nd k affect

E.., for k, and lg lower than 10 s variation of k has no effect on the enhancement factor
implicating that the enhancement of the absorptibA by the catalytic cycle is completely
dominated by the rate of the equilibrium reacti®sand R. At values for k and lg higher
than 16 s* the maximum absorption rate of A is determinedHyrate of reaction R
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3.2.2. Influence of diffusion

The diffusivity of the catalytic intermediates aisdluence the extend of the,Es is shown

in Figure 18. The two curves shown in Figure 17ehbgen included in Figure 18 as well as
a reference (indicated by the symbols). In linehvthte simulations of Figure 10 the diffusion
coefficients of the catalytic intermediates haverbéowered in alternating fashion. The
values for the rate constants other than givenigurgé 18 were set at k= 10" m*/kmol/s
and k =10 s* making the reaction between %nd A very fast en irreversible. The diffusion
coefficients of the components and the other catalgtermediates were kept constant at
10°m?%s.
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Figure 18. Enhancement factor at infinitely fast reaction for Xo + A - X; asafunction therate of the
equilibrium of R, and R, evaluated for alter nating lower ed diffusion coefficients of catalytic
intermediates compared to default (default is 10° m?%s, the lower values of 10 m%/s are valid
for theintermediates asindicated).

As it is clear from Figure 18,.Edepends on the value of. kor the lower kit is observed
that the E for a lower Q(Xo) decreases and.Encreases with lower {pX;) and Q(X>)
while between the latter two also a small diffeeegists. This is in line with the findings in
the irreversible system so it is likely that theamanisms leading to these observations must
be similar. Decreasing d{Xo) has the effect that the concentrationsaXd % near the G/L
interface decrease, on the other hand decreasiXg)r D(X>) leads to effectively higher
concentrations of the corresponding intermediateké absorption region for A. When the
concentration of Xchanges the reaction rate of &hanges and because the valuesakk
small compared to the other kinetic constan$sRhe rate-determining factor in the overall
catalytic cycle.
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With ks equal to 1€ the reaction Ris no longer the rate-determining step andi€only
determined by the /R4 equilibrium. For high values of;kand kg there is no effect of the
diffusivity of the catalytic intermediates becawskthe reaction steps in the cycle are very
fast and a lower diffusivity of one of the internds is compensated by the others. For
lower values of kand l the effects are identical to the observations Witk 16 with the
exception of the lower [PX;); the curve is exactly equal to the default cagkile Rs is very
fast X is almost instantaneously converted tpakd since this intermediate has a default
diffusion coefficient there is no net effect.

For simulations with D= 10° m?/s, the results and effects are in line with thomsented in
Figure 18 and Figure 10 and therefore will not lsewkssed in detail.

3.2.3. Conclusion concerning reversibility

The occurrence of reversible reactions in the ghatatycle has a profound effect on the
absorption rate of the gaseous reactant. Not ti@ydcation of the equilibrium is important
but also the rate of the equilibrium effects thesaption rate. The importance of the
diffusion of the catalytic intermediates is comgueato the irreversible reaction system,
however the explanation of the shifts in enhancerfaators is more complicated.

4.  Simplified models for design

In the following section, it is assumed that mad€l represents the exact kinetic mechanism
of a virtual process. The results from the simptifmodels ABP and Bo will be reflected on

the predictions for the HC-model. It must be notedwever, that the scheme ABP is the
exact representation of the irreversible molecuéaction scheme without homogeneous
catalysis.

4.1. Model Bo

In the simulations with model HC leading to theutesshown in Figures 14, 15 and 16 the
effect of K5 on the absorption rate has been studied in reldaticdhe other reaction rates.

These simulations have been repeated with the Biemd&ince the kinetic parameters

between the models are equal, the calculated eahwrds factors can be directly

compared. The fit of the Bo-model in the range mbleed parameters agrees very good to
the results of the HC-model. The average devidietmeen the E-values is 0.16% while the
maximum observed deviation is 0.30%.
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As was noticed from the results shown in Figuresab@d 11 differences in diffusion
coefficients can have significant influence on toéal concentration distribution of the
catalytic intermediates as well on the enhanceroktite rate of absorption. As in the model
Bo the intermediate species have been eliminatedobthe kinetic rate expressions by
application of the Bodenstein principle this moea good test case to study the diffusion
effects. For that, the results for the Bo-model@mmpared with the Evalues obtained with
the HC-model in Figure 18. Because the resultstfier Bo-model match the default
(D = 10° m?/s) case of the HC-model very well, Figure 18 isomy a graph for model HC
with varying diffusion coefficients but represernte differences between model Bo and
model HC as well. To express the differences inoaendirect fashion, the equivalent parity

plot is given in Figure 19.

40 50
a) ky = 106 s1 b) k; = 1010 st
40 1
. 30 —
o o
o @ D(Xo)
g D.(Xp) g 30 4
E| 2 5
e c(XZ) \73
w uw’l 20 D.(X,)
10 D.(Xy) D (%)
10 |
0 : : ‘ 0 : : : ‘
0 10 20 30 40 0 10 20 30 40 50
E,, (model HC) E,, (model HC)
—_— —_—

Figure 19. Parity plot of the enhancement factor at infinitely fast reaction for Xq+ A - X, of model Bo
asfunction of the values calculated by model HC. Evaluationsfor alternating lowered
diffusion coefficients of catalytic intermediates compared to the default (default is 10°m?s,
the lower value of 10 m?sindicated by the labels).

Figure 19 clearly indicates that for deviating d#ion coefficients the Bodenstein
approximation leads to erroneous enhancement fac@nly when the diffusion of the
catalytic intermediates is not important (see tigcwbsion in 3.2.2), application of the
Bodenstein approximation leads to accurate preufisti
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4.2. Model ABP

Despite having the most simple expression for #ation rate, the results for model ABP
are more difficult to compare to the HC-model bessathe number of kinetic parameters
does not match between the models. In a previopsrgédoorn and Versteeg, 2005) it was
shown that for some type of reaction networks theetic parameters of the reactions
forming the principle pathway in the network of tetailed model can be compared with a
simpler model by means of 3D-plots. This strategygfilimited use here because reversible
reactions are involved in the HC-model. Excepttfa case of irreversible reactions where
the catalytic cycle comprises in effect three neast Then, the enhancement factor as
function of two of the three kinetic rate constacém be compared with the enhancement
factor calculated by the ABP-model. An alternataggproach to compare model ABP with
model HC is derived from the realization that tharacteristics of the Bo-model lie between
those of the models ABP and HC. Because of the genpd match between the Bo-model
and the HC-model the results for model ABP candrapared to both models. Through the
proper choice of kin model ABP, the reaction rate calculated byBoemodel (see Eg. (3))
matches the rate in the ABP-model quite closely. stoplification, Eqg. (3) is put in the
form of:

R= a, [c, [cg with _ kylkylkg y
1+a,[0, +a;[0, +a,[0, [Cy Ks |:Gks'*'k4)
0=t
Ks
aQ = K, K,
3
k5 [Gk3 +k4)
a, = k, [k, (13)
k5 [Gk3 + k4)
Now, the k in model ABP can be chosen as:
= % (14)

1+a, [, +a,[d, +a,[c, 6,

The principal method is to fix the concentrations and ¢ as reference concentrations.
The choice for the reference concentrations detesiithe quality-of-fit between the
reaction rate calculated by the Bo-model respeigtittee ABP-model, but the extend of this
influence is variable because it depends on theevaf the rate constants in the Bo-model
(in the extreme whern,do & are so small that all factors are much smallen tlnaity in the
denominator of Eq. (14) the choice af @nd ¢ is arbitrary).
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The enhancement factor as function pffde model ABP is shown in Figure 4, so when k
has been calculated according to Eq. (14) the exmaent factor for the ABP-model is
known and can directly be compared with E calcdldte the Bo-model. The simulations
with model HC leading to the results shown in Fegud4, 15 and 16 have been repeated
with the ABP-model in addition to the already penied simulations with model Bo. After a
few trails the reference concentrations were fixad = = 0.025 kmol/m and

ce = 1.0 kmol/ni (half the values for the interfacial respectivelge bulk liquid
concentration). The results for enhancement faatitits model ABP compared to model Bo
are shown in Figure 20.
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Figure 20. Parity plots of the enhancement factor for thereaction A + B — P of model ABP versus model
Bo. Evaluations for varying values of k; (10%..10* m%kmol/s) and ks (10°..10" s%), ¢4 = 0.025
kmol/m®and cg” = 1.0 kmol/m?,

The curve for E with all the diffusion coefficients equal to thefdult values of 1® m%s as
performed with model HC (shown in Figure 18) repdaivith model ABP with unaltered
references gives also a reasonable agreementyéhage difference in E-values is 7% with
a maximum deviation of 20%.

4.3. Conclusion concerning model simplification

The Bodenstein approximation simplifies model HCattarge extend while the quality of
the predictions remains very good. Only in caselafnges in physical parameters that are
not intrinsically present within the Bo-model, tfieof the Bo-model decreases. With the
even more simple ABP-model the range in which ateusimulations for model HC are
provided is limited, but the flexibility is good.
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5. Conclusions

The mass transfer of a gaseous reactant into @& lighere the reactions are catalysed by
homogeneous catalysts still offers challenges fmmasts and chemical engineers. In this
paper the diffusion-reaction equations accordinddigbie's penetration theory have been
numerically solved. The catalytic cycle of the t&at network comprised two equilibria and
one irreversible reaction.

The least complicated case to study is when thdilega are replaced with irreversible
reactions. By varying a limited number of reacti@te constants several effects on the
absorption rate of A have been observed. The vamialf reaction rate constants determines
the concentrations of all components including tagalytic intermediates and with the
concentrations the enhancement of the absorptionbeaexplained. In addition to the
kinetics also diffusion can be involved, for exampt case of differences in the diffusivity
of the catalytic intermediates.

The occurrence of reversible reactions in the ghtatycle has a profound effect on the
absorption rate of the gaseous reactant. Not ti@ydcation of the equilibrium is important
but also the rate of the equilibrium effects thesaption rate. The importance of the
diffusion of the catalytic intermediates is comgueato the irreversible reaction system,
however the explanation of the shifts in enhancerfaators is more complicated.

Once a rigorous model for absorption with homogesBo catalysed reactions has been
obtained the verification of simplified model venss is not difficult. It has been shown that
with the Bodenstein approximation very good pradit for the absorption rates are
obtained for a wide range of kinetic parameterseWthe rigorous model contains physical
parameters not included in the Bodenstein modelpiieglictions are less reliable as for
example in the case of deviating diffusivity's ok tcatalytic intermediates. The simple
model A + B - P can be tuned to match the absorption rates Hsasi¢he Bodenstein
model but the range of application for the paranmsatelimited. Simplification of systems of
homogeneously catalysed reactions with mass tmamsfemeans of incorporation of the
catalyst concentration into the reaction rate amtstould easily result in the prediction of
erroneous absorption rates.

The catalytic system applied in this study is qusteple and extension of the reaction
networks is one of the points of interest for ferthresearch. Also more complicated
interactions of the catalytic intermediates suchligand exchanges and deactivation are
interesting from an industrial point of view. Filyalthe study of the behaviour of a fully

reversible catalytic cycle is the next step to bdgrmed.
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Nomenclature

Notation

C concentration

D, D diffusion coefficient

E enhancement factor

E. enhancement factor at infinitely fast reaction
J flow across gas-liquid interface

k reaction rate constant

Kg gas side mass tranfer coefficient

k. liquid side mass transfer coefficient
mgl solubility coefficient defined asdid/Cyas
R reaction rate

t time variable

X spatial variable

Greek

S penetration depth

¢ Hatta number

Tp contact time

Sub- and superscripts

bulk liquid bulk

gas, liquid phase

cat catalyst

[ any component

| any reaction
Abbreviations

A gas phase reactant
B liquid phase reactant
P liquid phase product
Xo catalytic complex

X1 catalytic complex

X2 catalytic complex
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Summary

Chemical reactors in which reactants are presehbth gas and liquid occur frequently in
industry. The study of these type of reactors igeqa challenge in many aspects. Clever
design and optimisation increase the profit ofechemical plant, improve safety and reduce
the impact on the environment. In design and opgt@bdn activities models are
indispensible since large scale experiments arenafiot feasible and scale-up from lab
experiments is required. The majority of modelsgas-liquid reactors are based on the two-
film theory, Higbie's penetration theory or by Bawerts modification. All theory's give
relations for combined mass transfer between gddigunid and reaction in the liquid. The
quantification of these processes is a key factahé construction of a model. This subject
is studied from two angles; characterisation of sntaansfer and reaction in an industrial
application and by means of investigation of thiedwgour of hypothetical reaction systems.

As industrial application the kinetics of the oxida of toluene have been studied in close
interaction with the gas-liquid mass transfer odagrin the reactor. Kinetic parameters for
a simple model have been estimated on basis ofiexpatal observations performed under
industrial conditions. The conclusions for the mirassfer and reaction regime on basis of
experimental observations and model calculatioesragood agreement: toluene oxidation
under industrial conditions can be characterizedg adow reaction with respect to mass
transfer.

During the oxidation of toluene under semibatchditbans, the formation of benzyl alcohol

is initially equal to the rate of formation of beidehyde. As the overall conversion
increases the benzyl alcohol concentration at fiesreases much faster than benzaldehyde,
but this decrease slows down causing the benzghalconcentration to reduce to zero only
very slowly. To account for this phenomenon a neaction pathway has been proposed
where the formation of benzaldehyde out of benaylbgeroxide is catalysed by benzoic
acid. Incorporation of this new reaction in a modeproves the description of benzyl
alcohol concentration prophiles while maintainingod predictions for benzaldehyde and
benzoic acid.

For the study of a hypothetical reaction system mismg radical reactions the diffusion-

reaction equations for different model versionsehbeen solved using a finite-differencing
technique. In all models a reactant A is transtefrem the gas to the liquid phase and
reacts in the liquid with B to form P. The calcidas comprised a simple stoichiometric
model, a system with radical intermediates involuethe propagation steps and a version
where also the termination reactions were included.
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Summary

The results show that the diffusion coefficientgadical intermediates can have significant
influence on the profiles of concentrations andctiea rates near the G/L interface.
Furthermore, it is shown that for very fast reaasiaifferences in diffusion coefficients of

the intermediates influence the by-product fornmatid=or systems of two radical

intermediates, the so-called mixed termination pobds only formed in low quantities

whereas the other two termination products domindtee calculation of enhancement
factors required in the design of a G/L reactiostayn can be performed with simplified
models where the reactive intermediates do notrootuhe expressions for the reaction
rates. The optimum model for a specific design psepcan be found by tuning the functions
that correlate the parameters of the complex meoaehe parameters of the simplified
model. In principle it is possible to very easilyakiate a large number of alternatives.

The second type of a theoretical system deals thogeneous catalysis. Several models
on the mass transfer of a gaseous reactant intpia Where the reactions are catalysed by
homogeneous catalysts have been evaluated by tmerimal solution of the diffusion-
reaction equations according to Higbie's penetnati®ory. The concentration profiles as
well as enhancement factors are discussed as danctithe kinetic rate constants and the
diffusion coefficients of the catalytic intermediat In addition to the complex catalytic
model two simplified models were applied in orderfacilitate design calculations. One
version was obtained by application of the Bodenst@proximation, the simplest version
comprised only the stoichiometric reaction. The &uwgtein model provides a very good
approximation except for those situations wherdggntial) differences exist between the
diffusivities of the various catalytic intermediateThe applicability of the stoichiometric
model is not as wide as with the Bodenstein model ib case of varying diffusion
coefficients with the higher flexibility the compéemodel can be approached more closely.
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Samenvatting

Chemische reactoren met reactanten in zowel de aasde vloeistoffase worden in de

industrie veel toegepast. Het onderzoek aan de tyactoren is een grote uitdaging op
meerdere gebieden. Zorgvuldig ontwerp en goedemafisatie vergroten de winst van de

fabriek, verhogen de veiligheid en verminderen didting op het milieu. Binnen ontwerp

en optimalisatie zijn modellen onmisbaar omdat expenten op grote schaal veelal niet
mogelijk zijn en een opschaling vanuit laboratoriexperimenten vereist is. De meeste
modellen voor gas-vloeistof reactoren zijn gebasegr de film theorie, Higbie's penetratie

theorie of op de modificatie hierop van DanckwedAsle theorieén geven relaties voor

gecombineerde stofoverdracht tussen gas en vlbastale reacties in de vloeistof. Het

kwantificeren van deze processen vervult een dleliia de constructie van een model. Dit

nu wordt in dit proefschrift bestudeerd vanuit twiegalspunten; de karakterisering van
stofoverdracht en reactie in een industriéle reaeto door middel van onderzoek naar het
gedrag van hypothetische reactieve systemen.

Als industrieel voorbeeld is van de tolueenoxidalgekinetiek in nauwe samenhang met de
optredende gas-vloeistof stofoverdracht bestudeéwdr een vereenvoudigd model zijn de
kinetische parameters bepaald op basis van expeteleeresultaten waarbij de condities zo
goed mogelijk leken op de fabrieksituatie. De cas@s voor wat betreft de stofoverdracht
en het regiem op basis van experimentele obsesvatie de conclusies van de
modelberekeningen zijn in goede overeenkomst: ¢&olagidatie bij industriéle
omstandigheden kan worden beschouwd als een lamgzaactie in vergelijking tot
stofoverdracht.

Tijdens het semi-batch bedrijven van de tolueeraiieds de vorming van benzylalcohol in
eerste instantie gelijk aan de vormingssnelheid banzaldehyde. Als de conversie van
tolueen toeneemt, neemt de concentratie van bdoaklzl veel sneller af dan die van
benzaldehyde, maar de afname vlakt af waardooredeytalcohol concentratie maar heel
langzaam afneemt naar nul. Om dit gedrag te bggehriis een nieuwe route in het
reactiemechanisme voorgesteld waarbij de vormingn vdenzaldehyde uit
benzylhydroperoxide gekatalyseerd wordt door benzaé Het inbrengen van deze nieuwe
reactie in het mechanisme verbetert de modelbggciyi van het verloop van de
benzylalcoholconcentratie terwijl de voorspellingeror benzaldehyde en benzoé&zuur even
goed blijven.
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Samenvatting

Voor het bestuderen van een hypothetisch reactesmys met radicaal reacties zijn de
diffusie-reactievergelijkingen voor verschillendeodaelversies opgelost met een eindige-
elementen methode. In alle modellen is reactaned gasvormige component die naar de
vloeistoffase wordt overgedragen alwaar deze reageet B om zo P te vormen. De
berekeningen zijn uitgevoerd voor een eenvoudigsitmmetrisch model, een systeem met
radicalen als intermediair betrokken bij propagateties en een versie waarbij tevens
terminatiereacties zijn meegenomen. De resultatem lzien dat de diffusiecoéfficiénten van
de radicalen duidelijke invloed kunnen hebben op dencentratieprofielen en
reactiesnelheden in de buurt van het gas-vloetgipérviak. Ook is aangetoond dat, bij zeer
snelle reacties, verschillen in diffusiecoéfficémtvan de radicalen de bijproductvorming
verandert. Bij systemen met twee radicaalintermestiawordt het zogenaamde gemengde
terminatieproduct alleen in heel kleine hoeveelhedevormd terwijl de beide andere
terminatieproducten domineren. De berekening vasnadlingsfactoren zoals benodigd bij
het ontwerpen van een gas-vloeistof systeem kanlemouitgevoerd met vereenvoudigde
modellen waarbij de reactieve intermediairen gei@imrd zijn uit de uitdrukkingen voor de
reactiesnelheden. Het optimale model voor een Bglecntwerpdoel kan worden gevonden
door het trimmen van de functies welke het verbgeden tussen de parameters van het
complexe en vereenvoudigde model respectieveljkprincipe is het mogelijk om heel
eenvoudig een groot aantal alternatieven te evaruer

Het tweede type van een theoretisch systeem gaathmmogene katalyse. Verschillende
modellen voor stofoverdracht van een gasvormigeta@a naar een vloeistof waarbij de
reacties worden gekatalyseerde door homogene katahgn zijn berekend door numerieke
oplossing van de diffusie-reactievergelijkingenedégd van Higbie's penetratietheorie. De
concentratieprofielen en de versnellingsfactoren zjecorreleerd aan de kinetische
reactieconstanten en de diffusiecoéfficiénten varkatalytische intermediairen. Naast het
complexe katalytische model zijn twee vereenvoueligibdellen ontwikkelt om ontwerp
berekeningen te ondersteunen. Eén versie is verkregnuit een Bodenstein benadering, de
meest eenvoudige versie bestond uit de stoichissnb& reactie. Het Bodenstein model
levert een zeer goede benadering behalve in datisitwaarbij (aanzienlijke) verschillen
bestaan tussen de diffusiecoéfficiénten van dechidlsnde katalytische intermediairen. De
toepasbaarheid van het stoichiometrisch modelas zo breed als de Bodenstein variant
maar in geval van variérende diffusiecoéfficiénteaan door de grotere flexibiliteit het
complete model dichter worden benaderd.
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